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“The time to begin writing an article is when you have finished it to your satisfaction.
By that time you begin to clearly and logically perceive what it is that you really want to
say.
Mark Twain, Notebook (1902-1903)
Abstract
The Fischer-Tropsch synthesis is a highly exothermic, indirect, catalytic, gas (syngas)
liquefaction chemical process. Temperature control is particularly critical to the process
in order to ensure longevity of the catalyst, optimise the product distribution, and
to ensure thermo-mechanical reliability of the entire process. This thesis proposes and
models the use of encapsulated, phase change material, in conjunction with a supervisory
temperature control mechanism, as diluents for the catalytic, multi-tubular fixed bed
reactor in order to help mitigate the heat rejection challenges experienced in the process.
The modelling was done using the Finite Element Analysis (FEA) software, COMSOL
Multiphysics. In the main, three studies were considered in this thesis.
In the first study, a two dimensional quasi-homogeneous, reactor model, without and
with the dissipation of the enthalpy of reaction into a near isothermal phase change
material (silica encapsulated tin metal) heat sink, in a wall-cooled, single-tube fixed
bed reactor was implemented and the results were presented. The encapsulated phase
change material was homogeneously mixed with the active catalyst pellets. The ther-
mal buffering provided by the phase change material were found to induce up to 7%
increase in selectivity towards the C5+ and a 2.5% reduction in selectivity towards CH4.
Although there was a reduction in the conversion per pass of the limiting reactant and
hydrocarbon productivity due to a reduction in reactor temperature, it was observed
that for a unit molar reduction in the productivity of C5+, there was a corresponding
1.5 moles reduction in methane production.
In the second study, a modified, one dimensional, α-model was derived which ac-
counted for the heat sink effect of the phase change material diluent. The resulting, less
computationally cumbersome, yet sufficiently accurate model was benchmarked against
the more rigorous two-dimensional quasi-homogeneous model in order to check its fidelity
in predicting the reactor performance. As in the first case study, a homogeneous distribu-
tion of the phase change material and active catalyst pellets was assumed. The α-model
was able to approximate the reactor temperature profile of the 2D-quasi-homogeneous
reactor model to within 4% error, and consistently, slightly over-predicted the limiting
reactant conversion by about 3%. Based on these comparisons, the α-model was deemed
sufficiently accurate to predict the reactor performance in place of the 2D model for the
optimisation simulation in the third study.
The third case study entailed simultaneously maximising the production of long chain
hydrocarbon molecules and ensuring proper heat rejection from the reacting system, two
desirable yet often conflicting operational requirements. The homogeneous distribution
of the active catalyst pellets and the phase change material diluents was abandoned for a
multi-zonal axial distribution in which, individual zones of the catalyst bed were diluted
to varying extents. The best dilution and distribution “recipe” was determined using
optimisation techniques and the previously derived modified α-model. The multi-zonal
axial dilution of the catalyst bed brought about a marked increase (up to 19%) in the
productivity of the long chain hydrocarbons, while ensuring a more judicious use of the
catalyst bed in contrast to the homogeneous catalyst/phase change material arrangement
in the previous two studies. The latent enthalpy of the metallic phase change material
combined with its good thermal conductivity helped push the limits of the catalyst bed
by increasing the conversion per pass beyond the typical 20-30% reported in literature,
with less likelihood of either early catalyst deactivation or thermal unreliability of the
reacting system.
In the main, it was observed that the overall productivity of the desired C5+ could
be enhanced by reducing the quantity of the catalyst pellets by a pre-defined reactor
volume. In addition, the reactor productivity benefits from a highly active zone situated
at the reactor entrance, immediately followed by a less reactive zone. This arrangement
has the effect of ramping the reaction rate (and in effect the reactor temperature) early
on, and this is kept in check by the less reactive zone immediately adjacent to the reactive
one at the reactor entrance.
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Chapter 1
Introduction
“Begin at the beginning,” the King
said gravely, “and go on till you come
to the end; then stop.”
Lewis Caroll, Alice in Wonderland.
The Fischer-Tropsch synthesis, a strongly exothermic, indirect, catalytic gas (synthesis
gas or syngas) liquefaction process is set to play a crucial role in the supply of clean and
sustainable liquid fuel and petrochemical feedstock for the future. The Fischer-Tropsch
process is able to convert greenhouse gases such as methane and carbon dioxide into
useful liquid fuels and starting materials for the production of other useful chemical
products. The intermediate synthesis gas which serves as feed for the Fischer-Tropsch
reaction is usually produced from the gassification of biomass or the reforming of natural
gas. A schematic of a generic Fischer-Tropsch process and production of synthesis gas
via gassification is depicted in Figure 1.1[1]. The BP Plc. 2016 global energy outlook to
2035 [2] highlights three key features in its consideration of how the energy landscape
might evolve over the next twenty years:
(i) There will be a continued increase in global energy requirements as a concomitant
of, and commensurate with the growth in the world’s population over the next
twenty years in order to enable economic prosperity.
(ii) The world’s fuel mix is on a sliding scale. Fossil fuels, and in particular gas, look
set to continue to be the dominant source of energy (supplying up to 60% of energy
increase out to 2035). Renewables are however growing rapidly (with their share
in primary energy source increasing from 3% in 2016 to 9% in 2035, see Figure 1.2)
owing to their falling costs and pledges made for their widespread adoption at the
2016 Paris climate change conference.
1
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Figure 1.1: A generic indirect liquefaction process using the Fischer-Tropsch
synthesis and production of syngas through the gassification of a solid precursor [1]
(iii) The rate of growth of carbon emissions are expected to halve over the outlook
period (2016-2035) in comparison to the previous twenty years. This is as a result
of improved energy efficiencies and a change in taste from higher to lower carbon
fuels.
The Fischer-Tropsch synthesis technology is well placed to play important roles in each
of the three key features outlined by BP. On the first point, as energy needs rise with
increasing population, and as petroleum resources dwindle, the Fischer-Tropsch synthe-
sis technology is stood in good stead to provide an alternative, i.e. synthetic crude oil
(syncrude) which can be refined into liquid fuels and petrochemical feedstock. In the
second feature, the flexibility of the Fischer-Tropsch process makes it an ideal vehicle for
utilising the various energy sources. In a wider sense, the Fischer-Tropsch synthesis lends
itself to a variety of traditional precursors including, stranded/shale/associated/flared/-
natural gas, and renewable feedstock such as: waste organic matter, waste plastics and
more latterly, CO2 [3]. On the third point raised by BP, more recent applications of the
Fischer-Tropsch have seen the intensification of the process. Small scale plants including
bio-refineries are being developed by companies such as Velocys R© [4], which could pro-
vide for “on-demand” liquid fuel from what might otherwise be stranded or underutilised
local resources. In addition, the fuel obtained from the Fischer-Tropsch process is ultra-
clean, being devoid of nitrogen based compounds, aromatics, sulphur, particulates, etc.
This quality of being able to produce ultra-pure fuels gives the technology an edge and
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Figure 1.2: Historical and predicted future share of primary energy and annual
demand growth by fuel to 2035 [2]
puts it in a place where it is able to meet the present and future strict environmental
policies and changing tastes in energy sources.
Based on this report, the Fischer-Tropsch synthesis has the potential of not only strad-
dling but bridging the present and the future of the world’s energy use. A useful maxim
therefore is that, improvements to the Fischer–Tropsch synthesis are desirable, possible,
and necessary and should be developed as soon as practicable.
1.1 Fischer-Tropsch synthesis and temperature control
Ordinarily, the production of liquid fuels, lubricants, petrochemical feedstock, etc., is
less capital intensive and complex starting from conventional crude oil relative to the
Fischer-Tropsch process. There are however, a number of circumstances under which
the Fischer-Tropsch process becomes attractive:
(i) There has latterly been a deliberate determination across the globe to shift away
from petroleum to more sustainable sources of energy. This “shift” has seen a re-
cent resurgence of interest in the Fischer-Tropsch technology. The process may be
viewed as a useful transition from total dependence on petroleum to total depen-
dence on zero-carbon energy sources such as solar, wind, etc. It is also pertinent
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to state that the Fischer-Tropsch process will continue to be relevant even upon
complete transition to zero carbon as there is the need to continue to produce
petrochemical precursors for the production of important chemicals and materials
used daily such as plastics, polymers, etc. In fact, as at 2015, the estimated, annual
worldwide production of chemicals and liquid fuels via the Fischer-Tropsch process
was put at about 30 million tonnes [5].
(ii) Every nation is intent on achieving energy independence; however, not all are
endowed with petroleum resources. Such nations may however possess other car-
bonaceous energy sources including coal, agricultural waste, etc. It may become
attractive for such nations under these circumstances to embark on the Fischer-
Tropsch technology to produce fuels which may arguably be more economical,
compared to the importation of fuels, which otherwise, renders them vulnerable
to fluctuating oil prices and political instability in the countries from which the
imported fuels derive. It will be recalled that historically, the strategic benefit
of energy independence was the impetus for the industrial implementation of the
Fischer-Tropsch process in Germany during the world wars and in Apartheid South
Africa.
(iii) The Fischer-Tropsch synthesis technology also makes “stranded” and under-utilised
energy resources more economically attractive as sources of liquid fuels. Stranded
energy resources refer to those potential energy sources such as associated natural
gas, flared natural gas, agricultural waste, etc., which are geographically and/or
economically far removed from energy markets. The Fischer-Tropsch technology is
able to add value to these low energy density raw materials by converting them to
high volumetric energy density products, which makes their transportation more
efficient and without the need for expensive transportation infrastructure [1].
Central to the Fischer-Tropsch synthesis is the economic incentive of the process, i.e.,
it must be able to convert low energy density raw materials to a high value spectrum
of products (usually long chain hydrocarbon molecules). It is therefore important that
the reactor conditions must be such that they favour the production of these high end
products; it is also important that the reactor is maintained within this regime for the
preponderance of its on-stream time. Locating and staying within the optimal conditions
of the Fischer-Tropsch synthesis entails a consistent attempt to balance out competing
forces, including: the operating conditions (temperature, pressure, gas hour space ve-
locity (GHSV), etc.) and the factors controlling them such as: catalyst properties and
reactor structure.
The available Fischer-Tropsch technologies differ principally on the bases of catalyst
type, reactor type and operating temperature. Of these distinguishing characteristics,
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Table 1.1: Influence of some process conditions on the selectivity characteristics of
the Fischer-Tropsch Synthesis (adapted from Schulz[6]and Ro¨per [7]). Key: ↑:
increase; ↓: decrease and *: complex relationship
Chain growth
probability (αFT)
Olefin/Paraffin
ratio
Carbon
deposition
Methane
selectivity
Temperature (↑) ↓ ↓ ↑ ↑
Pressure (↑) ↑ * * ↓
H2/CO ratio (↑) ↓ ↓ ↓ ↑
Conversion (↑) * ↓ ↑ ↑
Space velocity (↑) * ↑ * ↓
Alkali content
(Fe-catalyst) (↑) ↑ ↑ ↑ ↓
the temperature is the most influential property on the composition of the Fischer-
Tropsch syncrude [1]. The dominant and possibly detrimental effects of a sustained
increase in reaction temperature on the Fischer-Tropsch synthesis are borne out in table
1.1. These detrimental effects include: (i) a reduction in the value of the carbon chain
growth probability factor (αFT), i.e. ability of the carbon atoms to catenate and form
long chain molecules, (ii) an increased tendency of carbon laydown- a process which clogs
the catalyst active sites and prevents further reaction and, (iii) an increased production
of methane gas, an undesired product.
The cardinal challenge experienced in the design of Fischer-Tropsch reactors is the combi-
nation of the high enthalpy of reaction (−152kJmol−1H2, with an adiabatic temperature
rise, ΔTad ≥ 1600K) and the high sensitivity of the product selectivity to the prevalent
reactor temperature. It is thus crucial to ensure that the Fischer-Tropsch reactor has
a well-designed heat rejection mechanism [5, 8]. This requirement for excellent heat
removal has inspired the wide variety of Fischer-Tropsch reactor designs available on
the market today such as: the multi-tubular fixed bed [9–12], fluidised beds (circulating
and fixed) [9, 10], slurry/bubble phase [9, 10, 12], monolith [13], micro-reactors [14, 15],
etc. The Multi-Tubular Fixed Bed Reactor (MTFBR) has been selected for this study,
principally because, it presents the greatest challenge of all the Fischer-Tropsch reactors
in terms of heat rejection [10, 11, 16, 17].
The challenge of exothermicity in the Fischer-Tropsch fixed bed reactor is traditionally
tackled by: (I) recycling fluid effluents at high velocity in order to generate turbulent flow
[18], (II) Reduction of the upper limit of the tube diameters [10, 18] and, (III) Reducing
catalyst activity [19, 20]; achieved by mixing of inert substances such as silicon carbide
with the catalyst. This thesis specifically examines the dilution of the catalyst bed
in a fixed bed reactor using inert, encapsulated phase change materials, which act as
thermally functional additives for removing the enthalpy of reaction at near isothermal
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conditions. In order to do this effectively, it is often instructive to simulate the reactor
from first principles in order to generate a truly predictive model, capable of addressing
issues such as non-uniform temperature distributions, reactor performance in terms of
conversion, selectivity, productivity, etc., and open to modifications for optimising the
reactor performance.
1.2 Research Aim
In general, none of the Fischer-Tropsch synthesis mathematical models available in open
literature specifically accounts for the effects of catalyst dilution with inert substances
or indeed phase change material for the purpose of temperature control. The advent of
more powerful computers has also meant that the physico-chemical processes that occur
in the fixed bed reactor can be simulated in more detail.
The aim of this research therefore is to present a new methodology of controlling the
temperature within a multi-tubular fixed bed Fischer-Tropsch reactor by diluting the
catalyst bed with thermally functional, encapsulated phase change materials and by
extension, to maintain the selectivity to the spectrum of products within a narrow op-
timal window. Specifically, the simulation of a multi-tubular fixed bed Fischer-Tropsch
reactor, catalysed by iron, with temperature modulation using the combined effect of
encapsulated phase change material (PCM) and traditional saturated water wall-cooling
will be presented. This simulation provides the chemical engineer with a useful, predic-
tive tool for ascertaining the reactor performance, including reactant conversion, product
selectivity, product yield, etc. under the influence of phase change material.
This simulation exercise also affords a measure of flexibility in the sense that its complex-
ity may be adjusted by reducing or increasing the number of spatial dimensions consid-
ered, without overtly sacrificing computational accuracy for convenience. In the main,
the more rigorous two dimensional reactor model comes with increased fidelity required
for reactor design because it considers concentration and temperature gradients along
the axial and radial directions. The modified one dimensional α-model, which accounts
for temperature and concentration gradients along only the axial direction, however pro-
vides sufficiently accurate and less computationally cumbersome models useful for the
iterative exercise of optimising the best catalyst-phase change material arrangement in
the reactor.
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1.3 Research Scope/Outline
While it is possible (and could be the aim of future work) to extrapolate and apply the
knowledge gained from this simulation exercise to other reactor configurations, this thesis
is limited to the multi-tubular fixed bed reactor configuration. An industrial scale fixed
bed reactor with design and operational parameters/properties obtained from literature
[5] will be modelled in this work. The chemical kinetics/reaction occurring within the
sphere of influence of the physical transport phenomena in the reactor and in particular,
how these physico-chemical phenomena occurring in the reactor are influenced by the
presence of the phase change material will be the subject of investigation. Typical
reactor performance indices including: conversion, product selectivity and yield will be
used as yardsticks for comparing the “basecase” reactor scenario without any phase
change material to instances where the effect of phase change material on the reactor
performance is considered. Outlined below is the organisation of this thesis into its
constituent chapters and a synopsis of each chapter.
• Chapter 2 is dedicated to salient background literature survey on the Fischer-
Tropsch process, classifications of the technology, reactor configurations and de-
sign, reaction kinetics and mechanisms, reactor modelling, heat transport chal-
lenges peculiar to the multi-tubular fixed bed reactor configuration, historical and
present day measures of tackling heat rejection limitations.
• Chapter 3 puts forward the mathematical formulation of the study in hand, in-
cluding the governing conservation and constitutive equations. It also sets about
implementing the mathematical equations as numerical models on the Finite Ele-
ment Analysis (FEA) platform, COMSOL Multiphysics [21], including the initial
and boundary conditions.
• Chapter 4 presents the validation of the mathematical formulations and the veri-
fication of the numerical simulations. In order to ascertain the robustness of the
model, three test cases were modelled, validated and verified namely, an industrial
scale Fe-catalysed multi-tubular fixed bed reactor, a laboratory scale, single-tube,
Co-catalysed fixed bed Fischer-Tropsch reactor, and finally, a laboratory scale fixed
bed reactor for the exothermic Pt/SiO2 catalysed, partial oxidation of methanol,
with silica encapsulated indium as diluent.
• Chapter 5 presents a rigorous two-dimensional quasi-homogeneous model for the
fixed bed reactor in which the bed is assumed to be homogeneously diluted with
encapulated phase change material. The results compare and contrast the reactor
behaviour without, and under the influence of phase change materials as catalytic
bed diluents.
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• Chapter 6 develops a sufficiently accurate one-dimensional model, the modified α-
model. The results obtained from simulating the reactor (i.e. for a homogeneous
dilution of the bed with phase change material) with this modified α-model are
compared with the more rigorous two dimensional and less accurate, conventional
one dimensional quasi-homogeneous reactor model.
• Chapter 7 looks at other catalyst-PCM arrangements apart from the homogeneous
mixing of both materials, informed by the need to simultaneously maximise desired
product yield while preventing thermal runaway. The modified α-model developed
in chapter 6 was employed in the optimisation problem posed.
• Chapter 8 entails the relevant conclusions drawn from the thesis. It also outlines
limitations of the work done, while suggesting areas for future work.
Chapter 2
Background and literature review
“Everything has been thought of
before, but the problem is to think of
it again.”
Johann Wolfgang Goethe,
(1749-1832).
This chapter sets out the relevant literature review for this work. The Fischer-Tropsch
synthesis and its complexities are presented.
2.1 The Fischer-Tropsch synthesis process description
Figure 2.1: Fischer-Tropsch synthesis process flow diagram, adapted from [22, 23]
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Table 2.1: Major overall reactions in the Fischer-Tropsch synthesis, adapted from
[26]
Main reactions
1. Paraffins (2n+ 1)H2 + nCO −→ CnH2n+2 + nH2O
2. Olefins 2nH2 + nCO −→ CnH2n + nH2O
3. WGS reaction CO + H2O CO2+H2
Side reactions
4. Alcohols 2nH2 + nCO −→ CnH2n+2O + (n-1)H2O
5. Catalyst oxidation/reduction
(a) MxOy + yH2  yH2O + xM
(b) MxOy + yCO  yCO2 + xM
6. Bulk carbide formation yC + xM MxCy
7. Boudouard reaction 2CO−→ C + CO2
The Fischer-Tropsch synthesis, discovered by Professor Franz Fischer and Dr Hans Trop-
sch [24] in the early twentieth century, refers to an indirect, chemical process for liq-
uefying synthesis gas. It entails an aggregate of simultaneous, surface polymerisation
chemical reactions, occurring in situ on the active sites of principally group VIII tran-
sition metals, which act as catalysts e.g. iron, cobalt, ruthenium, nickel, etc. [11, 25].
Synthesis gas, commonly called syngas is predominantly made up of carbon monoxide
and hydrogen gas, and can be sourced from a wide variety of raw materials including:
coal, natural gas, biomass (agricultural waste products, etc.). The Fischer-Tropsch
process is a key element in the composite industrial technologies referred to as XTL,
where “X” stands for the first letter of the raw material processed into syngas e.g.
GTL for gas (natural) to liquid, BTL, for biomass to liquid, etc. Figure 2.1 depicts a
commercial Fischer-Tropsch process occurring in a fixed bed reactor, with downstream
processing.
A summary of the overall reactions occurring in a Fischer-Tropsch synthesis process is
outlined in table 2.1. The process, which typically operates at conditions of 200-350oC
and 1-6MPa, generates a complex, multi-component spectrum of products comprising
predominantly, straight chain aliphatic paraffins and α-olefins. Oxygenates and some
cycloalkanes are also produced in smaller quantities [18, 27, 28]. This complex multi-
component mixture is referred to as synthetic crude or syncrude. The Fischer-Tropsch
process is often categorised on the basis of the operating temperature (T ) as either low-
temperature Fischer-Tropsch (LTFT), where 200 ≤ T ≤ 250oC or High-temperature
Fischer-Tropsch (HTFT), where 250 ≤ T ≤ 350oC. A typical spectrum of constituent
products of the syncrude produced by either of the two Fischer-Tropsch processes is
outlined in table 2.2.
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Table 2.2: Syncrude properties from the two main classes of Fischer-Tropsch
processes based on typical current industrial operation [1]
FTS syncrude property HTFT LTFT
Carbon number range C1-C30 C1-C120
Main product C2-C10 olefins waxes
Normal product phasesa
Gases (C1-C4) 20-25% 5-10%
Oil 20-25% 15-20%
Wax 0% 20-25%
Aqueous organics ∼5% 1-2%
Water 45-50%b 50-55%b
Organic compound classesa
Paraffins (alkanes) 20-30% major product (> 70%)
Naphthenes (cycloalkanes) < 1% < 1%
Olefins (alkenes) major product (> 50%) 15-20%
Aromatics 1-5% < 1%
Oxygenates 10-15% ∼ 5%
a All percentages are on a mass basis
b Closed gas loop, i.e. no wet water gas shift conversion
The syncrude produced from the Fischer-Tropsch process is not available for immediate
use in internal combustion engines, etc., this is because the syncrude comprises primar-
ily straight chain aliphatic hydrocarbons. This amounts to low octane number, poor
flow properties (compared to branched chains) and low lubricity. In order to overcome
these challenges, the syncrude is usually sent for further downstream separation, pro-
cessing and refining, which could involve reactions such as isomerisation, hydro-cracking,
alkylation, blending with crude oil or blending with other finished products, etc. [29].
The post-processed fuels produced from the Fischer-Tropsch synthesis are however ultra-
pure and of superior quality to their crude-oil derived counterparts. For example, the
Fischer-Tropsch fuels are devoid of particulates, nitrogen based compounds, aromatics
and sulphur. In addition, the gasoil or diesel obtained from the Fischer-Tropsch process
has a cetane number of ≥ 70 compared to 50 for the crude oil derived gasoil [27]. A
particularly crucial aspect of the Fischer-Tropsch reaction is its exothermicity, i.e., it
possesses a large enthalpy of reaction (−152kJmol−1 of H2 or −167kJmol−1 of CO)
and could lead to the process suffering thermal runaway if proper heat rejection is not
ensured. This feature plays a significant role in the design and operation of large scale
Fischer-Tropsch units and will be central to the research work presented in this thesis.
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2.1.1 Prospects and commercial aspects of the Fischer-Tropsch syn-
thesis
The Fischer-Tropsch synthesis was first commercialised during World War II as a means
of generating liquid transportation fuels from coal when access to conventional crude oil
was constrained. Although interest waned in the process after the war years, it became
popular again in South Africa when the country was subjected to economic sanctions
during the Apartheid era. This synergy between isolation and the availability of an
alternative carbonaceous source of energy has always provided the characteristically
ideal recipe on which the Fischer-Tropsch process thrives economically.
In today’s context, the reasons for the recent resurgence of interest in the Fischer-Tropsch
process are no different. Most of the Fischer-Tropsch process in operation today are
located near remote gas fields in order to process stranded gas, which will otherwise be
abandoned, as the cost of putting transportation infrastructure in place to move the raw
gas to the market could prove prohibitive [13].
Shell [27] and South Africa’s SASOL [16, 28] run between them four gas to liquid (GTL)
and coal to liquid (CTL) plants. Other major players including EXXON Mobil [30], BP
and Conoco Phillips [31] as well as some smaller companies including Rentech [32] have
large pilot plants. Velocys[4] has developed a microchannel reactor and demonstrated
their technology using wood chip feedstock. Table 2.3 outlines a number of commercial
and demonstration Fischer-Tropsch plants in existence. Figures 2.2-2.3 show the micro-
channel reactor and the test skid of Velocys in Austria respectively.
2.2 The chemistry of the Fischer-Tropsch synthesis
2.2.1 Fischer-Tropsch Catalysis
The commonest catalysts used in the Fischer-Tropsch synthesis are the group VIII tran-
sition metals including Co, Fe and Ru. Iron and cobalt are the most commercially
viable. Iron is particularly attractive for reasons of being the cheapest option; table 2.4
shows the relative costs of different metal catalysts to Fe. It is commonplace to promote
Fe-catalysts with salts of alkali metals [34]. The water-gas shift activity and selectivity
towards olefins of such promoted catalysts are typically high and they seem to be quite
stable when synthesis gas with a high H2:CO ratio (i.e. approaching a value of 2) is used
[18, 35].
Cobalt generally gives the highest yield of straight chain aliphatic hydrocarbons and
also has the longest cycle time. The cycle time of a catalyst in a multi-tubular fixed
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Table 2.3: A summary of commercial Fischer-Tropsch facilities [33]
Name Place Dates
FTS
Techn.
Feed-
stock
Prod.
volume∗
(bbl/day)
Prod.
Sasol 1
(Sasol)
Sasolburg,
S. Africa
1955-date
Fe-LTFT
SBC
&
Fe-LTFT
MTFBR
Coal
&
Natural gas
6,750
Gasoline,
wax
&
chemicals
Sasol 2&3
(Sasol)
Secunda,
S. Africa
1980-date
Fe-HTFT
CFB
(From 1995)
Coal 120,000 Gasoline
Mossgas
(PetroSA)
Mossel
Bay,
S. Africa
1993-date
Fe-HTFT
CFB
Natural
gas
24,000
Gasoline
&
Diesel
Shell Bintulu
(Shell)
Bintulu,
Malaysia
1993-date
Co-LTFT
MTFBR
Natural
gas
12,000 Distillate
Pearl GTL
(Shell)
Qatar 2011-date
Co-LTFT
MTFBR
Natural
gas
140,000 Distillate
Oryx GTL
(Qatar Pet.)
Qatar 2007-date
Co-LTFT
SBC
Natural
gas
24,000 Distillate
Escravos
GTL
(Chevron)
Nigeria 2013-date
Co-LTFT
SBC
Natural
gas
34,000 Distillate
Sinopec/
Syntroleum
Demo.
Facility
Zhenhai,
China
2011 Unknown
Coal, coke,
asphalt
80 Chemicals
Syntroleum
Catoosa
Demo.
Plant
Catoosa,
OK
2003-
2006
SBC
Natural
gas
70
Diesel for
blending
Rentech
PDU
Commerce
City, CO
2008-date
Fe-LTFT
SBC
Natural
gas &
petroleum
coke
7-10
Jet fuel
&Diesel
∗Production volume numbers given as crude oil equivalent and only include products made by
the FTS process.
Chapter 2. Background & Literature Review 14
Figure 2.2: Velocys Commercial FT reactor capable of producing 125 barrels per
day and microchannels. Photos by Velocys [4]
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Figure 2.3: Velocys demonstration unit at Gussing, Austria, in 2010 [33]
Table 2.4: Relative price of metals, adapted from [34]
(a)Dry 1990 [36], (b)Dry 2004 [37]
Metal Price ratio (Fe-basis)
Fe 1.0
Co 230(a)-1000(b)
Ni 250
Ru 31,000
Rh 570,000
bed reactor, is defined as the interval of time within which a catalyst delivers on pre-set
performance criteria before requiring rejuvenation, regeneration or replacement [1]. The
cycle times of Fe and Co in a low temperature Fischer-Tropsch process are 70-100 days
[38] and 9-12 months [39] respectively. Co is however between 230-1000 times more
expensive than iron (see table 2.4) and supports very little to no water-gas shift activity.
Cobalt has been found to be better suited to natural gas based Fischer-Tropsch processes
for the production of middle distillates and high molecular weight products [40–42].
Nickel, apart from being expensive at 250 times the cost of Fe, is not recommended
because of its high selectivity for methane [36]. Ruthenium is about 31,000 times more
expensive than iron, although it is extremely active. It is particularly selective towards
high molecular weight waxes at low temperatures and high pressures (> 10MPa), while
the converse is true at lower pressures (< 10MPa), in which case, methane becomes the
preferred product [23, 43]. According to the findings of Vannice [44], the activity of
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Al2O3-supported group VIII metals decreased in the order: Ru, Fe, Co, Rh, Pd, Pt and
Ir. Sasol measured the activities of Cr and Mo, but found them to be much lower than
that of Fe [43].
In general, Co, Ni, and Ru remain in the metallic state under Fischer-Tropsch conditions
[45]. Iron on the other hand exhibits a series of phases when subjected to Fischer-
Tropsch conditions. These phases include: metallic iron (α-Fe), iron oxides (hematite,
α-Fe2O3, magnetite Fe3O4 and FexO), and five different forms of iron carbides, O-
carbides (carbides with carbon atoms in octahedral interstices, ε-Fe2C, ε
′-Fe2.2C and
FexC) and Trigonal prismatic (TP) carbides (carbides with carbon atoms in trigonal
prismatic interstices, χ-Fe2.5C and Fe3C) [43, 46–49] . The process conditions, catalyst
deactivation and composition largely determine the formation and composition of these
iron phases. The exact catalytic activity of the individual phases also remains a subject
for debate in literature [43, 49, 50].
All Fischer-Tropsch catalysts are susceptible to irreversible sulphur poisoning, as such
industrial operators including Sasol reduce the sulphur contents of their inlet gas to
< 0.5ppm. Where the Fischer-Tropsch process is applied in the chemical liquefaction of
sour gas, then the longer life and superior performance of cobalt compared to iron may
not necessarily be realised and the extra cost of Co may become unjustifiable [33, 36]. In
addition, historically, companies have favoured the use of iron despite its shorter cycle
time because of its low cost and ease of disposal compared to cobalt. Iron catalysts are
more often than not replaced, rather than rejuvenated or regenerated [1].
2.2.2 Water-gas shift activity
The water gas shift activity is an equilibrium, catalytic, exothermic reaction represented
as follows:
CO + H2O CO2 +H2 (2.1)
It is particularly important when synthesis gas with non stoichiometric amounts of
hydrogen is used, since by virtue of its forward reaction, it is able to make up the
hydrogen deficit. The reaction may reach equilibrium at operational temperatures, T >
250oC on catalysts with a high water-gas shift activity [51, 52]. Cobalt and Ruthenium
are not very active toward the water gas shift reaction unlike iron based Fischer-Tropsch
catalysts [53]. Magnetite, Fe3O4 has been proposed as the most active phase of iron for
the water gas shift reaction [47, 48, 53–56].
Put together with its relatively low cost, the ability of iron to handle a wide range of
non-stoichiometric combinations of hydrogen to carbon monoxide in the feed synthesis
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gas, by reason of facilitating the water gas shift reaction to make up for hydrogen deficits,
renders it a very versatile catalyst choice for the Fischer-Tropsch synthesis (even though
its on stream life is much shorter than that of cobalt). As such, the modelling exercise
presented subsequently in this work (chapters 3-7) will assume reaction kinetics based
on Fe-catalysis.
2.2.3 Fischer-Tropsch synthesis reaction mechanism
Literature is replete with several postulations regarding the mechanism by which the
Fischer-Tropsch process proceeds [57–60]. Despite the reaction having been discovered
nearly one hundred years ago, researchers have not come to a consensus as to which
reaction mechanism is to be universally adopted. This section looks at a number of
plausible ones often put forward in published literature to explain the formation of
straight chain hydrocarbons. According to Adesina [60], a synopsis of the mechanism
for the formation of straight chain aliphatic hydrocarbon molecules are as follows:
1. The adsorption of the reactants, CO and H2 on to the catalytic metal surface
2. Initiation of the carbon chain
3. Propagation or growth of the carbon chain
4. Termination of the carbon chain
5. Desorption of the product from the catalyst active site
6. Readsorption of desorbed (but still chemically active) molecules on to the catalyst
active site and possible further reaction.
A succinct description of some of the most plausible mechanisms in literature are as
follows:
2.2.3.1 The Carbide Mechanism
Figure 2.4 shows a schematic representation of the carbide mechanism for the Fischer-
Tropsch synthesis. The underlying assumption is the dissociative adsorption of CO and
H2. The methylene group *CH2, serves as the monomer or building block for the poly-
merisation reaction and long chain hydrocarbon molecules are formed by the successive
coupling of the methylene group. This monomer (*CH2) is formed by the hydrogena-
tion of the surface carbide. Termination reactions bring about the product formation,
examples of these termination reactions include: hydrogenation to form straight chain
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Figure 2.4: Schematic representation of the carbide mechanism [13, 61]
paraffins or hydrogen abstraction to form linear α-olefins. Table 2.5 sets out a series of
elementary reactions that are thought to take place in the formation of linear hydrocar-
bons; in the table, s represents the catalyst active site.
Other products like aldehydes and alcohols may be formed through termination reac-
tions with oxygen laden surface species [61]. Secondary reactions also take place when
primary products desorb from the catalyst active site and interact with another active
site before exiting the reactor. Examples of such reactions include: isomerisation, crack-
ing and hydrogenolysis, insertion into growing chains and re-adsorption and initiation
of hydrocarbon chains [26, 62, 63].
2.2.3.2 The Enolic Mechanism
In this mechanism, the monomer is an oxygen carrying intermediate as opposed to the
carbidic methylene group in the carbide mechanism. As seen in Figure 2.5, there is
no dissociative adsorption of CO, rather, after the reaction of the adsorbed CO with
hydrogen, a new intermediate HC*OH is formed and it serves as the building block
or monomer. Chain propagation is achieved by coupling the monomers in conjunction
with hydrogen, while oxygen is expelled in the form of water. Termination occurs via
the same primary and secondary reactions outlined in the carbide mechanism. It is also
pertinent to note that a mechanism involving a combined enol/carbide mechanism has
been proposed in which, a methylene species is formed via the hydrogenation of the
hydroxylated enolic HC*OH intermediate [67].
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Table 2.5: Proposed carbide mechanism of the hydrocarbon synthesis from CO and
H2 adapted from [54, 64–66]
Adsorption
1 CO+sCOs
2 COs +sCs+ Os
3 H2 + 2s 2Hs
Surface reactions
Water formation
4 Os+ Hs HOs+ s
5 HOs+ Hs H2O +2s
or Os+ H2  H2O +s
Chain initiation
6 Cs+ Hs CHs+ s
7 CHs+ Hs CH2s+ s
8 CH2s+ Hs CH3s+ s
or COs+ H2  CHOHs
CHOHs+ H2  CH2s+ H2O
Methanation
9 CH3s+ Hs CH4 + s
Chain growth
10 CnH2n+1s+CH2s Cn+1H2n+3s+ 2s
Hydrogenation to paraffins
11 CnH2n+1s+ Hs CnH2n+2 + 2s
β-Dehydrogenation to olefins
12 CnH2n+1s CnH2n+ Hs
Figure 2.5: Schematic representation of the enolic mechanism [13, 61]
2.2.3.3 The CO insertion Mechanism
Figure 2.6 shows the schematic for the CO insertion mechanism. Like the enolic mech-
anism, the building block or monomer also carries an oxygen atom. This monomer,
O*CH3 is formed in two steps, first, there is the reaction between carbon monoxide and
a surface hydroxyl group and secondly, a hydrogenation reaction. Propagation of the
hydrocarbon chains is brought about by the reaction of the intermediate with a carbon
monoxide molecule and two hydrogen molecules. Termination occurs through the same
primary and secondary reactions outlined in the carbide mechanism.
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Figure 2.6: Schematic representation of the CO insertion mechanism [13, 61]
2.2.3.4 The mechanism for the water-gas shift reaction
As previously highlighted in section 2.2.2, the water-gas shift activity is important in
Fe-catalysed Fischer-Tropsch synthesis. Rethwisch et al [55] have studied the water-gas
reaction extensively on both supported and unsupported iron oxide catalysts. From
their findings they concluded that the water gas shift reaction proceeded over unsup-
ported magnetite via a direct oxidation mechanism, while on supported iron catalysts,
it proceeded via the formate species. van der Laan et al [26] in their in-depth literature
review posited that the formate species mechanism was the more plausible of the two.
Figure 2.7 shows a schematic of the formate species mechanism. The formate species are
produced by the reaction of the hydroxy species with either of water or carbon dioxide in
the gas or adsorbed state. The formate intermediate is reduced to adsorbed or gaseous
carbon dioxide.
Figure 2.7: Water gas shift reaction mechanism via formate species [54, 55]
2.2.4 Fischer-Tropsch synthesis kinetics
The kinetics of the Fischer-Tropsch synthesis is inherently complex because of the com-
plicated reaction mechanisms and the myriad of products obtained from the reactants.
In general, the intrinsic kinetics of the Fischer-Tropsch reaction may be expressed in the
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form of empirical power laws [68, 69] or in the Langmuir-Hinshelwood-Hougen-Watson
(LHHW) and Eley-Rideal forms, based on a reaction mechanism for the hydrocarbon
forming reactions [64, 70–72]. The main differentiating features of these kinetic expres-
sions for the consumption of syngas derive from the nature of the monomer (whether it
is oxygen bearing or not), and the adsorption of the reactants (CO and H2) and products
(H2O and CO2) on the catalyst surface.
The Fischer-Tropsch synthesis may be reduced to two principal equations, i.e., the main
Fischer-Tropsch reaction and the water gas shift reaction, with overall reaction equations
as follows:
CO +
(
1 +
m
2n
)
H2 −→ 1
n
CnHm +H2O (FT) (2.2)
CO + H2O CO2 +H2 (WGS) (2.3)
where, n is the average carbon number and m is the average number of hydrogen atoms
of the hydrocarbon product. van der Laan et al [26] have published a selection of
kinetic expressions proposed by various researchers as shown in table 2.6, where a and
b in the expressions are temperature dependent constants. It should be stated that
the expressions in table 2.6 have been derived using different experimental approaches,
including the use of fixed bed, slurry and Berty reactors (see table 2.7), it is however
interesting to note that there is broad similarity amongst the expressions [13, 26]. In
almost all the expressions, H2 is observed to have an overall positive order, while CO,
when it appears in the expressions, mainly plays an inhibiting role (in the denominator)
in most of the expressions.
2.2.4.1 Fischer-Tropsch kinetics on iron based catalysts
The rate of reaction of a Fe-catalysed Fischer Tropsch reaction generally increases with
a corresponding increase in the partial pressure of H2, while the converse is true for
an increase in the partial pressure of water vapour [82]. Precipitated iron catalyst is
often used in low temperature Fischer-Tropsch synthesis, while fused iron catalysts are
used for high temperature Fischer-Tropsch synthesis [1, 43]. A detailed description of
the catalyst synthesis procedures may be found elsewhere [11, 28, 43, 83]. Table 2.7
presents various kinetic studies on both iron and cobalt catalysts.
Several kinetic equations have been suggested by various researchers, most of them based
on the carbide or combined carbide and enolic mechanisms [65, 69]. The main underlying
assumptions of these mechanistic kinetic rate expressions include [65, 73]:
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Table 2.6: Reaction rate equations for overall
synthesis gas consumption rate [26]
Kinetic expression Ref.
(a) kPH2 [45, 52, 73]
(b) kP aH2 P
b
CO [68]
(c)
k PH2 PCO
PCO + aPH2O
[45, 52, 74, 75]
(d)
k P 2H2 PCO
PCO PH2 + aPH2O
[70, 74, 76, 77]
(e)
kP 2H2 PCO
1 + aPCOP 2H2
[45]
(f)
kPH2PCO
PCO + aPCO2
[52, 72, 76, 78]
(g)
kPH2PCO
PCO + aPH2O + bPCO2
[52, 72, 78]
(h)
kP
1
2
COP
1
2
H2(
1 + aP
1
2
CO + bP
1
2
H2
)2 [71]
(i)
kPCOP
1
2
H2(
1 + aPCO + bP
1
2
H2
)2 [64]
(j)
kPCOPH2
(1 + bPCO)
2 [79–81]
1. The reaction between dihydrogen and a carbon intermediate serves as the rate
determining step
2. There is a strong adsorption of carbon monoxide and water on the catalyst surface
3. Hydrogen reacts in a molecular fashion and does so in either the gaseous phase or
the associated adsorbed state
Anderson [45] put forward equation (2.4), which incorporates a water vapour inhibition
term, this was later corroborated Dry [75] and Huff et al [85]
FT = kPCOPH2
PCO + aPH2O
(2.4)
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where PCO, PH2 , PH2O are respectively the partial pressures of gaseous CO, H2 and
H2O. The reaction rate constant, k and the adsorption parameter a are defined using
the Arrhenius expression [84]. Atwood et al [84] determined the activation energy (Eact)
and enthalpy of adsorption, (−ΔHad) to be 85kJ mol−1 and 8.8kJ mol−1 respectively
by fitting their kinetics data on fused nitrided iron catalyst to equation (2.4).
k = k0 exp
(
−Eact
RgT
)
(2.5)
a = a0 exp
(
−ΔHad
RgT
)
(2.6)
Anderson [45] and Dry [75] also suggested that where there was a high water gas shift
activity, resulting in a high removal rate of water vapour from the Fischer-Tropsch
synthesis and channelled towards the water gas shift reaction instead, then the water
vapour concentration becomes sufficiently low, such that, PCO >> PH2O, and if in
addition, there is less than 60% per pass conversion, equation (2.4) may be reduced to
a first order dependency in H2 as follows:
FT = kPH2 (2.7)
In order to account for their observation of a linear decrease in the adsorption parameter
a in equation (2.4) with hydrogen pressure on a fused iron catalyst, Huff et al [85]
modified equation (2.4) and put forward the following equation:
FT =
kPCOP
2
H2
PCOPH2 +
a
PH2
PH2O
(2.8)
Deckwer et al [76], however found that equation (2.8) was unable to predict the kinetic
data for low H2:CO feed ratios (< 0.8) on a potassium-promoted iron catalyst owing
to high water gas shift activity. Shen et al [74] modelled their kinetic data on equation
(2.8) and reported Eact = 56kJmol
−1 and −ΔHad = −62kJmol−1, they were however
silent on any discrimination between the models in equations (2.4) and (2.8) in terms of
which gave the better fit.
The water gas shift reaction by altering the activities of reactants and products can have
have either a promoting or inhibiting effect on the Fischer-Tropsch synthesis. Typically,
CO2 is less of an inhibitor to the Fischer-Tropsch reaction relative to H2O owing to the
large difference in their respective adsorption coefficients [52, 86]. Iron catalysts with a
high water shift reaction are however able to convert a large amount of water vapour
into CO2, and were thought to significantly increase the CO2 inhibiting influence under
these circumstances. To that end, Ledakowicz et al [78] (using precipitated iron catalyst,
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100Fe/1.3K, with high water gas shift activity), Nettelhoff et al [72] (using a commercial
fused iron ammonia synthesis catalyst, BASF S6-10) and Deckwer et al [76], put forward
equation (2.9), which accounts for CO2 inhibition.
FT = kPCOPH2
PCO + aPCO2
(2.9)
Ledakowicz et al [78] also put forward a generalised reaction rate expression to cater for
catalysts with high and low water gas shift activities:
FT = kPCOPH2
PCO + aPH2O + bPCO2
(2.10)
Further experimental evidence however, from co-feeding of CO2 to the feed synthesis
gas revealed that the syngas consumption/rate of reaction was not significantly affected
by adding CO2 in this fashion [87, 88]. This led Yates et al [88] to conclude that the
inhibition effect attributed to CO2 by previous researchers was probably due in fact to
H2O, since the water gas shift reaction is either at, or close to equilibrium on these
catalysts.
PCO2 = Kewgs
PCOPH2O
PH2
(2.11)
Where, Kewgs is the equilibrium constant for the water gas shift reaction. From the
foregoing, it is clear that no one reaction rate expression set out by previous researchers
universally satisfies/describes all the Fe-catalysed Fischer-Tropsch reactions and their
individual nuances (of catalyst type, catalyst formulation, process conditions, etc.). In
other words, the rate expressions are catalyst specific.
Jess et al [5, 89–91], Popp[92], Kuntze [93] and Raak et al [94] have widely researched
and published on Fischer-Tropsch synthesis in industrial, multi-tubular, fixed bed reac-
tors. They have also derived reaction rate expressions (similar to equation (2.4)) based
on systematic experiments with commercial Fe catalysts in their original form, specific
to the catalyst and process, and validated their work using data from commercially oper-
ating plants including the Arbeitsgemeinschaft (consortium) Ruhrchemie/Lurgi(ARGE)
plant and presented their results. A full description of these equations are presented in
subsection 5.1.2 of chapter 5. Therefore, in the absence of any experimental work in
this thesis, the works of Jess et al [5, 89–91] have been chosen as a benchmark for the
modelling exercise carried out in chapters 3-7 of this thesis.
2.2.4.2 Fischer-Tropsch kinetics on cobalt based catalysts
The reaction kinetic expressions developed for a Co-catalysed Fischer-Tropsch synthesis
are quite different in form from those of Fe-catlysed FTS. The Co-catalysed FTS kinetic
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expressions, often of the form of LHHW, are premised on the rate determining step
being a bimolecular surface reaction, between a dissociated hydrogen species and a
carbon intermediate, yielding a quadratic denominator in the reaction rate expression.
As mentioned previously in section 2.2.2, Co is not very active towards the water gas
shift reaction, as such, no CO2 is formed and inhibition terms due to H2O in the reaction
rate expressions are not recorded in literature [26].
Similar to the Fe-catalysed FTS, the mechanistic reaction rate expressions have also
been developed on the bases of the carbide and/or combined carbide/enolic reaction
mechanisms. Between them, Wojciechowski [64] and Sarup et al [71] developed six
different reaction rate equations from experiments in a Berty reactor at 190oC, partial
pressure of hydrogen maintained within the region of 0.07 ≤ PH2 ≤ 0.68MPa and the
partial pressure of CO held within 0.003 ≤ PH2 ≤ 0.93MPa. All of their six reaction
rate expressions may be generalised as follows:
−CO =
kP aCOP
b
H2(
1 +
∑
i
KiP
ci
COP
di
H2
)2 (2.12)
where, a and b are the orders of the reaction, Ki is the adsorption constant for the i
th
adsorption term, ci and di represent the dependency of surface coverage on the reactant
pressure of the ith adsorption term. Wojciechowski [64] and Sarup et al [71] proceeded
to carry out model discrimination by testing their six models against experimental data,
whittling the expressions down to two:
−CO =
kP
1
2
COP
1
2
H2(
1 +K1P
1
2
CO +K2P
1
2
H2
)2 (2.13)
−CO =
kPCOP
1
2
H2(
1 +K1PCO +K2P
1
2
H2
)2 (2.14)
After optimising the parameters of equations (2.13) and (2.14), and further comparisons
were made with experimental data, the relative variance between model and experiment
was greater than 40%, indicating a significant lack of fit and was ultimately rejected
[71].
Yates et al [80] carried out Co-catalysed FTS experiments in a slurry reactor and ob-
tained a simpler, yet more accurate Langmuir-Hinshelwood form equation involving a
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bimolecular surface reaction as the rate determining step:
−CO = kPCOPH2
(1 +K1PCO)
2 (2.15)
An equation similar to (2.15) had previously been developed by Sarup et al [71], with a
larger number of inhibition terms, but it was jettisoned because one of the adsorption
constants had been negative; a situation which had no physical meaning. Remarkably,
the linearised form of the rate equation (2.15), due to Yates et al [80] fiited Sarup et al’s
[71] data well.
Overall, relative to kinetic studies on Fe catalysts, research on Co catalysts are more
comprehensive, due principally to the simpler kinetics, stemming from the absence of any
significant water gas shift activity [26]. It should also be stated that the kinetic equations
set out in this section have principally been intrinsic kinetics, in reality however, reactions
carried out on an industrial scale often occur in the region of the sphere of influence of
transport phenomena limiting effects. As such, when these equations are used in the
subsequent modelling to be presented, they will be appropriately qualified to reflect this.
2.2.5 Product distribution and selectivity
Left to its own devices thermodynamically, the Fischer-Tropsch synthesis will under
the prevalent process conditions of temperature, pressure, reactants, etc., most favour
the production of methane and coke. In table 2.8, a measure of the spontaneity of
some of the constituent reactions of the Fischer-Tropsch process are shown using the
standard Gibbs free energies (ΔGθ) of the reactions. Essentially, the reactions may be
imagined as being driven by the formation of water. The formation of hydrocarbons and
alcohols is spontaneously favoured (i.e. ΔGθ << 0), so long as there is the simultaneous
formation water, see reactions (a)-(e) in table 2.8. In the same vein, the spontaneous
formation of longer chain hydrocarbons wanes as the number of carbon atoms increase
(see reactions (a)-(b) of table 2.8). Reaction (f) shows that the Boudouard reaction,
i.e. carbon laydown is readily spontaneous. This fact shows the critical role of the
catalyst in controlling the kinetic factors in order avoid the reaction settling for what
would otherwise be the thermodynamic (equilibrium) tendencies, i.e. methane, carbon
and water formation.
The selectivity of a chemical species j in the Fischer-Tropsch process refers to the process
preferring the production of molecule j over any another. On a carbon basis, this may
be defined mathematically as follows:
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Table 2.8: Energetics of CO hydrogenation, adapted from[25]
(a) 3H2 +CO −→ H2O + CH4 ΔGθ = −94kJmol−1
(b) 2H2 +CO −→ H2O + 1
3
C3H6 ΔG
θ = −31kJmol−1
(c) 3H2 +CO −→ CH3OH ΔGθ = +21kJmol−1
(d) 3H2 + 2CO −→ HOCH2OH ΔGθ = +66kJmol−1
(e) 4H2 + 2CO −→ CH3CH2OH + H2O ΔGθ = −27kJmol−1
(f) 2CO CO2 + C ΔGθ = −120kJmol−1
(g) H2O + CO H2+CO2 ΔGθ = −28kJmol−1
Sj =
moles of hydrocarbon j × cn
moles of CO converted
(2.16)
where, cn is the carbon number of species j. It is therefore clear that the selectivity of the
Fischer-Tropsch process to desirable molecules lies at the heart of its economical success.
The catalyst conditions, reactor configurations and process conditions wield the greatest
influence on the process selectivity [95]. The theoretical description of the selectivity to
a particular species with some carbon number, cn using a carbon number, independent,
chain growth probability parameter (αFT), has been put forward by Anderson et al
[45] in the familiar Anderson-Schulz-Flory (ASF) equation (full derivation can be found
elsewhere [11] ):
xcn = (1− αFT)× α(cn−1)FT (2.17)
where, xcn is the mole fraction of a hydrocarbon of chain length cn. The chain growth
probability parameter (αFT) is given by the expression:
0.0 ≤
(
αFT =
Rprop
Rprop +Rterm
)
≤ 1.0 (2.18)
where, Rprop is the rate of chain growth or chain propagation and Rterm is the rate of
chain termination. A value of αFT = 0.0 signifies no chain growth, while αFT = 1.0
implies infinite chain growth. According to Dry [95], the range of αFT is a function of
the reaction conditions and nature of catalyst. Typical ranges for αFT Fe and Co are:
0.70-0.80 and 0.50-0.70 respectively. The αFT-value also determines the total carbon
number distribution of the Fischer-Tropsch products as depicted in Figures 2.8 and 2.9.
The chief underlying assumptions of the ASF description of the carbon number distri-
bution are as follows:
1. The carbon chain growth probability factor, αFT is independent of the carbon
chain length
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Figure 2.8: Hydrocarbon selectivity as a function of the chain growth probability
parameter, adapted from [13, 26]
2. The chain growth occurs only from a single point
3. Chain growth that has been terminated cannot be re-initiated.
Figure 2.9: Theoretical ASF distributions for three different Fischer-Tropsch
reactors: High temperature FT (HTFT) and two low temperature FT (LTFT),
adapted from [96]
To a large extent, the ASF equation describes the carbon number distributions for real
Fischer-Tropsch synthesis data quite well [1]. Some deviations do exist however in reality,
for example the selectivity towards methane is usually higher than that predicted by the
ASF, the selectivity to the C2 products, ethene and ethane is lower than predicted by
the ASF, much higher C-number molecules seem to have their own αFT values and there
is also olefin re-adsorption. Nevertheless, the αFT values continue to be widely used
as a standard way of reporting product distribution in the Fischer-Tropsch synthesis
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Table 2.9: Selectivity control in Fischer-Tropsch synthesis by process conditions and
catalyst modifications, adapted from Ro¨per [7], van der Laan et al[26]
Parameter
Chain
length
Chain
brainching
Olefin
selectivity
Alcohol
selectivity
Carbon
deposition
Methane
selectivity
Temperature ↓ ↑ ∗ ↓ ↑ ↑
Pressure ↑ ↓ ∗ ↑ ∗ ↓
H2:CO ↓ ↑ ↓ ↓ ↓ ↑
Conversion ∗ ∗ ↓ ↓ ↑ ↑
Space
velocity
∗ ∗ ↑ ↑ ∗ ↓
Alkali content
(iron catalyst)
↑ ↓ ↑ ↑ ↑ ↓
Key: Increases with increasing parameter: ↑; Decreases with increasing parameter: ↓; Complex
relationship: ∗
products and thus, a measure of the effectiveness of the reactor in question [26, 33] and
will be used for predicting product distribution in this thesis.
2.2.5.1 Effect of reactor design and process conditions on catalyst selectivity
In the main, the selectivity of the Fischer-Tropsch synthesis may be influenced through
the reactor/catalyst design or through the process conditions. Some design-based meth-
ods of influencing reactor selectivity include:
• recycling un-reacted reactants and some of the effluent fluid products into the
reactor, with the aim of increasing the hydrocarbon yield and possibly driving
short chain molecules towards further polymerisation, thus enhancing the overall
output of long chain hydrocarbon molecules.
• co-feeding products from other processes e.g. ethane gas may be fed into the
reactor simultaneously with the syngas with the intent of encouraging the poly-
merisation process and by extension the selectivity to higher molecular weight
hydrocarbons.
• the use of staged reactors, with multiple access and egress points along the reactor
length, where syngas is fed and products are removed respectively.
• A combination of these methods may also be applied.
Table 2.9 presents a summary of how process conditions influence the selectivity of the
Fischer-Tropsch process.
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1. Temperature
An increase in temperature displaces the selectivity towards the shorter chain
hydrocarbon molecules, especially methane. This observation is true for the main
catalysts: Fe [97, 98] and Co [43]. Of all the process conditions, a sustained increase
in temperature has a consistent deleterious effect on the process, including carbon
deposition, reactor uncontrollability and ultimately, thermal runaway. The reason
for this lies in the thermodynamic fundamentals of the process.
The Fischer-Tropsch reaction is not of itself an equilibrium/reversible reaction,
neither is the syncrude generated an equilibrium mixture of products. It may
however, be instructive to analyse the FTS in equilibrium reaction terms. The
Fischer-Tropsch reaction is a strongly exothermic reaction i.e., the forward reac-
tion converting reactants to products generates a large amount of heat. The Le
Chaˆtelier’s principle suggests that if the temperature of such an exothermic reac-
tion is further raised, then the reacting system responds in such a way as to annul
the effect of the temperature increase. One of the ways it does this is to terminate
the carbon chain lengths rather abruptly, thus preventing further polymerisation
which would otherwise result in more heat generation.
The enthalpies of reaction of both the main synthesis reaction (equation 2.19) and
the water gas shift reaction (equation 2.20) in their monomolecular forms are quite
substantial:
CO + 2H2 −→ −(CH2)−+H2O ΔHr, 227oC = −165kJmol−1CO converted
(2.19)
CO + 2H2O CO2 +H2 ΔHr, 227oC = −40kJmol−1CO converted (2.20)
The Gibbs free energy equation is given by:
ΔG = ΔH − T ΔS = −RgT loge(Keq) (2.21)
and the partial molar Gibbs free energy or chemical potential (μi) is given by:
μi =
(
∂G
∂Ni
)
T,p,Nj =1
(2.22)
where, ΔH = ΔHr, 227oC is the enthalpy of reaction at 227
oC, ΔS is the entropy
change for the synthesis reaction with an order of magnitude -0.2kJ mol−1CO con-
verted at 227oC [99], Rg is the universal molar gas constant, Keq is the reaction
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equilibrium constant where, Keq > 0, for T ≤ 400oC [99], T is absolute tempera-
ture, p is absolute pressure, Ni is the number of moles of species i and Nj is is the
number of moles of species j. It can clearly be seen that the sheer magnitude of
the enthalpy of reaction of the Fischer-Tropsch synthesis disproportionately dom-
inates the Gibbs free energy and by extension the chemical potential calculations
and indeed the overall thermodynamic description of the Fischer-Tropsch synthe-
sis. Temperature exacerbates this exothermic dominance, as such it is a critical
reaction system property to be controlled.
It is pertinent to mention that controlling temperature is a delicate balancing act,
which must be considered carefully with some trade-offs. For example, on one
hand, severely reducing the temperature results in very slow kinetics, which de-
creases hydrocarbon productivity and may even extinguish the reaction altogether,
while on the other hand, excessive temperature rise leads to thermal runaway and
in extreme cases, explosions. Subsequent sections and chapters of this thesis will
look at methods of maintaining a narrow optimal window of temperature in order
to maximally benefit the reaction system.
2. Partial pressure of H2 and CO
The preponderance of research works reveal that the selectivity is displaced in
favour of heavier molecular weight hydrocarbon compounds and oxygenates as the
total pressure of the reacting system is increased [43]. Increasing the H2:CO ratio
has also been reported to increase the volume of lighter hydrocarbon products and
reduce the olefin contents [97, 98].
3. Space Velocity
Essentially, the olefin-to-paraffin ratio increases with increasing space velocity (or
reducing residence time), in other words, a reduction in conversion per pass [100].
Iglesia et al [101] also reported an increase in the molecular weight of products with
reducing space velocity (or increasing residence time). The selectivity to methane
and olefins decreases with decreasing space velocity, while the selectivity towards
paraffins was observed to be constant [101].
4. Time on stream
As the catalyst remains on stream, it gets deactivated with time and the selectivity
also changes over time owing to carbonaceous deposits on the active sites of potas-
sium promoted catalysts (often reversible by hydrogen treatment at 350oC) [43].
As deactivation occurs, oxygenates become more selectively produced according
to Donnelly et al [97], while selectivity towards methane and low molecular weight
hydrocarbons also rises on iron catalysts [97, 102, 103].
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5. Reduction of catalyst
Pre-treatment methods which the catalyst is subjected to also affects its selectiv-
ity. Pre-treatments involving CO and CO/H2 have been reported to show high
selectivity towards diesel fuel and wax (C12+) to the disadvantage of methane and
other short chain molecules C2-C4 [26, 50, 104–107]
2.3 The Fischer-Tropsch reactor configurations
The cardinal challenge in the design of Fischer-Tropsch synthesis reactors is the high
exothermicity coupled with the high sensitivity of the product selectivity to the prevalent
reactor temperature. The heat released during the CO hydrogenation and polymerisa-
tion reaction is in the order of 20-25% of the calorific value of synthesis gas [27]. As
such, an excellent heat rejection system is required. This quest for proper thermal man-
agement of the reaction has informed the various reactor designs available on the market
[33].
This section briefly reviews the typical Fischer-Tropsch reactors currently in commercial
use. Subsection 2.3.1 provides a brief overview of the structure of the multii-tubular fixed
bed reactor (MTFBR); the chosen reactor for this thesis. Section 2.4 will be devoted to
the heat transport challenges, suggested mitigations and mathematical modelling of the
MTFBR.
2.3.1 Multi-tubular fixed bed reactor
Figure 2.10 is the schematic diagram of a multi-tubular fixed bed reactor (MTFBR). It
is built like a vertically oriented shell and tube heat exchanger, except that the tube
side is packed with stationary catalyst pellets for carrying out the chemical reaction;
the reactions are assumed to take place only on, or within the catalyst pellets. The
MTFBR is able to handle both gas-solid-liquid (three-phase) reactions and gas-solid
(2-phase) reactions. Typical measurements include up to 5cm inner diameter tubes of
length 2-12m and catalyst pellets in the diameter range of 2-3mm.
Being a gas-limited reaction (i.e. high liquid reactant flux to the catalyst particle, low
gas reactant flux to the particle [108–110] ), the reactor is often operated in the trickle
bed hydrodynamic regime during the LTFT synthesis, i.e. a continuous gas (syngas
and other recycled gaseous effluents) phase and a distributed liquid (recyclyed liquid
effluents) phase in which both fluids flow co-currently in a downward flow and the main
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Figure 2.10: Multi-tubular fixed bed reactor [1]
mass transport resistance occurs in the gaseous phase. Gas-liquid separation occurs at
the bottom of the reactor.
The pressure drop across the reactor more than any other factor, determines the particle
size of the Fischer-Tropsch catalyst. While very small catlyst particles (≤ 1.0mm)
may reduce the mass transfer resistance by reducing the diffusion length, they greatly
increase pressure drop and the converse is true for larger particles. Traditionally, on-line
replacement of catalysts had been impossible and catalyst had to be changed out during
shutdown. Ansorge [22] however reports that Shell has developed an automated catalyst
loading system with in situ regeneration.
The principal operational constraint of the MTFBR in the Fischer-Tropsch synthesis
is its ability to control temperature through efficient heat transfer. This operational
requirement in effect limits the upper diameter of the tubes and the volumetric produc-
tivity of the catalyst. Apart from its relatively high capital cost and poor heat transfer
characteristics, the MTFBR is still in commercial use and has the following advantages
over other reactors:
Chapter 2. Background & Literature Review 35
1. The MTFBR is robust and has the longest proven track record of carrying out
stable and reliable Fischer-Tropsch synthesis
2. The MTFBR of all Fischer-Tropsch reactors best approximates plug flow be-
haviour, as such, it is generally more efficient in terms of the achieved conversion
per unit reactor volume for positive ordered chemical reactions [111].
3. It obviates the need for separating the reaction products form the catalyst [112]
4. Kinetic data, catalyst performance and hydrodynamics from a single tube are
largely representative at the pilot plant scale [112]
5. It features low fluid inventory [17]
2.3.1.1 Micro-channel reactor
A subset of the multi-tubular fixed bed reactor are the microchannel reactors. These
intensified reactors have smaller diameter tubes/channels, of the order of millimetres,
which come in a wide variety of geometries other than circular. The tubes are packed or
coated with much smaller catalyst pellets (≤ 100μm) and the linear velocity of the syngas
is significantly increased. With the heat and mass transport resistances significantly
reduced, it comes as no surprise that these reactors have superior heat and mass transfer
characteristics. They are often marketed as being modular and more compact. Velocys
[4], a subsidiary of Oxford catalysts, has been at the vanguard of this technology.
A major drawback of this technology is the danger of the tubes fouling up, causing
immense pressure drops and they can be very difficult to clean.
2.3.2 Slurry bubble column reactor
Figure 2.11 is a schematic representation of the slurry bubble column reactor (SBC).
This reactor is a vertically oriented vessel which contains a slurry (fine catalyst powder
suspended in Fischer-Tropsch wax in the liquid state). There is a gas distributor at the
bottom of the reactor through which syngas accesses the vessel and bubbles up through
the slurry mixture. This reactor is designed to operate strictly in the three phase regime,
i.e. gas-liquid-solid reactions.
The reactor is equipped with several heat exchanger/cooling tubes on the inside of
the reactor, through which the heat generated by the reaction is rejected. The heat
removal is greatly enhanced by the turbulent and constant movement of the slurry-
this enhanced heat removal capability particularly makes the reactor attractive. The
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Figure 2.11: Slurry bubble column reactor [1]
slurry is constantly produced alongside the products from the reactor, it is therefore
very important to have an efficient phase separation unit operation downstream, which
separates the products from the fine catalyst powder. This constitutes the cardinal
drawback of this reactor as the the separation process almost always invariably involves
catalyst loss. Catalyst loss means that the reactor is in principle, economically better
suited to the use of the cheaper and more ubiquitous Fe catalyst as opposed to the
more expensive Co. The upside to this arrangement however is that the catalysts can be
regenerated and re-introduced into the process without having to shut down the process.
The constant movement of the catalysts and collision with the walls of the reactor will
require them to have good mechanical strength and attrition resistance. The pressure
drop in the reactor is dependent on the hydrostatic height of the slurry in the column,
as opposed to the catalyst pellet size.
A cross between the MTFBR and SBC is called an ebullated or moving bed reactor.
In this reactor, advantage is taken of the positive sides of both the MTFBR and SBC,
including doing away with the need to separate catalyst from products and achieving
good temperature control at the same time. Syntroleum Corporation is one of the
comapnies looking to develop this concept further [113].
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2.3.3 Fixed fluidised bed reactor
The fixed fluidised bed reactor (FFB), depicted in Figure 2.12, is one of the two reactors
categorised under the Fluidised bed reactors for the Fischer-Tropsch synthesis. This
category of reactors are strictly two-phase (gas-solid) reactors, as such they are only
employed in the HTFT synthesis. Like the SBC, the catalyst particles are dispersed
and suspended in an upward movement of flow of a continuous phase fluid; however, the
catalyst particles are extracted from the products. The design constraint of the fluidised
bed reactors to operate in the gaseous phase means that the Fischer-Tropsch products
are necessarily restricted to lower αFT selectivities as shown in Figure 2.9.
Figure 2.12: Fixed fluidised bed reactor [1]
The fixed fluidised bed is the simpler of the two designs in this category. It comprises
a vertical vessel equipped with: a gas distributor at the bottom of the vessel, through
which syngas is supplied to the process, several heat exchanger cooling coils on the inside
of the reactor and cyclones at the top for separating the catalyst from the products. The
fixed fluidised beds are generally more difficult to control and are constrained by the
strict gas flow rate and catalyst particle size requirements ; they have however been
shown to be more efficient than their circulating bed counterparts.
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2.3.4 Circulating fluidised bed reactor
The circulating fluidised bed (CFB) reactor is shown in Figure 2.13, with the same basic
design elements as its fixed fluidised variation. Its design and operation are however
more complex than the fixed fluidised bed reactor; it operates at a higher gas velocity
and the catalyst pellets are entrained. the pressure drop is determined by the gas phase
flow.
Theoretically, the CFB reactor has a wider window of operation, but it is subject to many
operational challenges. the catalyst particles must be mechanically strong in order to
withstand the high rate of attrition and mechanical stresses experienced through the
circulating motion in the reactor. In general, the catalyst particle size distribution is
a compromise between the catalyst activity, fluidisation properties of the bed and the
ease of separation from the products.
Figure 2.13: Circulating fluidised bed reactor [1]
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2.4 Modelling the multi-tubular fixed bed reactor
From section 2.3, it is clear that no one reactor perfectly meets all the operational
requirements of the Fischer-Tropsch synthesis and as such, compromises and trade-offs
have to be made. This thesis is focussed on the requirement to control temperature with
the intention of maintaining an optimal, narrow window of catalyst selectivity to the
desired spectrum of products. The multi-tubular fixed bed reactor quite clearly is the
most deficient in this respect, as such it will be the case study for the remainder of this
work.
As pointed out earlier in subsection 2.2.5.1, temperature (and in effect selectivity) control
may be achieved through managing process conditions better, or the outright reconfigu-
ration of the reactor/catalyst arrangement or indeed a combination of both. The second
approach may not always be available to plants already in existence as the capital cost of
shutting down and swapping unit operations and ancillary facilities out for more modern
ones may prove prohibitive. In such a situation, retrofitting the existing plant may be a
cheaper and less dramatic option. The work done in this thesis may therefore find use-
ful practical applications in the so-called “brown-field” Fischer-Tropsch synthesis plants
seeking to improve their productivity.
Finally, if the methods suggested in this work can find use in the “worst” case scenario as
far as heat rejection is concerned, then such techniques may become useful transferable
engineering skills, possibly informing the design of future reactors. The next subsections
will briefly look at traditional methods of handling the challenge of exothermic reactions
in multi-tubular fixed bed reactors, and how, well engineered, encapsulated phase change
materials can add to this mix of strategies.
2.4.1 Exothermic reactions in the multi-tubular fixed bed reactor
The multi-tubular fixed bed reactor is the work horse of the chemical processing industry,
used to carry out reactions with large heat effects. For the preponderance of industrial
syntheses, MTFBRs are typically operated in a steady state fashion, i.e. under constant
operations, over protracted operational runs. The design strategy is therefore to achieve
an optimum steady state operation [17].
The MTFBR belongs to the class of reactors called “isothermal” reactors. This classi-
fication is not because they are actually isothermal in operation, rather, it is because
they are designed with integrated and indirect heat exchange/cooling mechanisms with
the aim that they will be isothermal [17, 114]. In order to ensure proper control of the
reactor and avoid irreversible damage to the catalyst, indirect heat exchange is carried
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out through external cooling around the tubes in the reactor. This requirement can only
be met if:
1. The temperature of the coolant fluid (saturated water in the case of the FTS) is
close to the desired catalyst temperature
2. There are large heat exchange surfaces per unit catalyst volume and,
3. A sufficiently large molar flow rate of the synthesis gas in order to ensure good
heat transport from the packing to the heat exchange surface.
This removal of heat while an exothermic chemical reaction is in progress has the effect of
adapting the temperature profile over the flow path and thereby, influencing the course
of the reaction, i.e. the conversion, selectivity, yield, etc. The competition between
reaction heat generation and its removal through the tube walls gives rise to axial and
radial temperature profiles, and in particular, single-humped, temperature profile peaks,
occurring near the entrance of the reactor. This hump, often referred to as a hotspot, is
associated with the peak conversion rates. In other words, most of the reaction occurs
near the entrance of the reactor, at the location of hotspot and very little, if at all any
reaction occurs further down the axial length of the reactor, thus under-utilising the
catalyst bed [115].
The challenge of exothermicity in MTFBRs is normally tackled by:
1. Recycling fluid effluents from the reactor at high velocity in order to generate
turbulent flow- this however comes at high re-compression cost and conversion is
necessarily limited to 20-30% per pass. In addition, it is vital to ensure the even
distribution of the liquid in order to avoid thermal runaway and blockages in “dry”
tubes [12, 115].
2. Reducing the upper limit of the tube diameters- this is the next option once all
possibilities of heat transport improvement by recycling have been exhausted. Al-
though this facilitates the production of higher pressure steam, it comes at an
increased cost of manufacturing the reactor [10, 115].
3. Reducing catalyst activity: this is achieved by using catalysts of different activities
over the reactor length, by diluting them with inert substances such as silicon
dioxide, silicon carbide, etc.
This thesis seeks to explore option (3) further. In particular, it looks to propose the
use of new inert materials- “active-inert”, thermally functional, phase change materials.
Chapter 2. Background & Literature Review 41
The next section looks at some previous work done in the area of catalyst dilution with
respect to the Fischer-Tropsch reaction and sets the scene ready for the introduction of
this new catalyst diluent.
2.4.2 Reactor modelling
Reactor modelling is essential in order to optimise the reactor’s productivity and safety
elements. It comprises two interdependent aspects: in the first, there is the macroscopic
description of the hydrodynamics of how the different phases participating in the reaction
behave, including the heat and mass transport effects. In the second, the Fischer-Tropsch
reaction model, involving the consumption and production of chemical species in the
region of influence of mass and heat transfer.
Owing to the heat extraction at the tube walls by the cooling medium, temperature
(and by extension, concentration) gradients are set up in a direction perpendicular to
the direction of flow. In addition to the axial concentration and temperature gradients,
the turbulent effect of the packings may induce an axial diffusion of heat (Fourier’s law)
and mass (Fickian diffusion law) which opposes the fluid flow [116]. It is therefore vital
for any mathematical model attempting to describe the spatial distribution of mass and
heat in the reactor to take into account both the radial and axial dimensions.
A rigorously comprehensive model will seek to describe the fluid on a microscopic scale,
take into account the spatial distribution of each catalyst particle (and encapsulated
phase change material), as well as the discontinuous arrangement in the bed. Not only
will this level of detail require infinitely large computing resources, it is also unneces-
sary. A more practical approach will be to treat the catalyst bed as a pseudo/quasi-
homogeneous-dispersion-continuum, with its physical properties averaged out. It then
becomes possible to write differential equations describing the bed using effective trans-
port parameters. Although the bed properties are space averaged, the heat and mass
transfer equations within the catalyst pellet are solved for the actual pellet size be-
ing used [116]. In effect, the volumetric rates of reaction and heat generated can be
computed at any location within the bed as though a catalyst pellet and its associated
voidage were acting at the location in question.
Several researchers have put forward Fischer-Tropsch reactor models of sundry com-
plexities. Atwood et al [84] put forward a one-dimensional heterogeneous plug flow
model to study the effects of parameters on industrial reactors. A two-dimensional
pseudo-homogeneous plug flow model, neglecting the limitations of intra-particle diffu-
sion was examined by Bub et al [68]. Jess et al [89] considered a two-dimensional pseudo-
homogeneous model exclusive to the Fe-catalysed conversion of N2-rich syngas. Wang
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et al [117] proposed a one-dimensional heterogeneous model, using the modified Soave-
Redlich-Kwong equation of state and accounting for pore diffusion limitations. Marvast
et al [118] proposed one-dimensional and two-dimensional pseudo-homogeneous models
using bi-functional catalysts. De Swart et al [119] presented a one-dimensional hetero-
geneous model for a cobalt catalysed reaction. Philippe et al [120] studied the effects of
the operating conditions and thermal properties of Co-based catalyst on the behaviour
of the MTFBR using a gas-solid two-dimensional homogeneous model. Gu¨ettel and
Turek [121] compared one-dimensional models of various Fischer-Tropsch reactor types.
Jess and Kern [5, 90, 91] compared Co and Fe catalysts using two-dimensional pseudo-
homogeneous models, accounting for mass transfer limitations and radial heat transfer
within the MTFBR. Rafiq et al [122] presented a two-dimensional pseudo-homogeneous
model for bio-syngas conversion over Co as catalyst. Many of these models have their
specific drawbacks including: neglecting the mass transfer limitations (pore diffusion,
etc.), not accounting for radial heat transfer gradients in the MTFBR (as in the one-
dimensional models) and leaving out the effect of radial dispersion (two-dimensional
models).
Figure 2.14 presents graphical algorithm for working through the complexities of mod-
elling a fixed bed reactor in order to arrive at the appropriate reactor model, needed to
describe the system in hand. The cut-off points for the relevance of various internal and
external heat and mass transport limiting factors are pre-determined based on the feed
and reactor design entry conditions using dimensionless quantities/ratios put together
by Mears [123, 124]. This algorithm will be put to practical use in chapter 3 during the
mathematical model formulation.
None of the MTFBR Fischer-Tropsch synthesis mathematical models available in open
literature specifically considers the effects of catalyst dilution with inert substances or
indeed phase change material for the purpose of temperature control. Previous studies
involving other exothermic reactions which either catalyst dilution or the use of phase
change materials have been adopted as strategies for modulating chemical reactions are
as follows: Luyben [19], Nie et al [126] and Calverley et al [127] have examined the
concept of catalyst dilution using zoned/graded catalytic reactor arrangements for var-
ious exothermic reactions such as the partial oxidation of ortho-xylene in multi-tubular
fixed beds, but none of them has specifically considered the Fischer-Tropsch reaction
nor explored the use of encapsulated phase change materials as diluents and potential
distributed temperature controllers. Pattison et al [128, 129] considered the use of phase
change material as a temperature control strategy in an autothermal, steam methane
reforming, catalytic plate micro-reactor, but not in a fixed bed reactor or specifically
for the Fischer-Tropsch reaction. Mittal et al [130] presented a one-dimensional model
Chapter 2. Background & Literature Review 43
Figure 2.14: Algorithm for selecting appropriate reactor model, adapted from [125]
of a novel process concept entailing the time-segregated, hybridisation of biomass gasifi-
cation/combustion in a monolith, micro-fluidised bed reactor with alternating reaction
and phase change material filled channels, arranged in a “chequerboard” pattern, they
however did not consider the Fischer-Tropsch aspect of processing the resultant syngas.
Zhang et al [131] examined the use of paraffin wax nano-PCM for controlling excess
temperature from heat accumulation caused by auto-acceleration or gel effects in the
polymerisation of methyl methacrylate in a stirred batch reactor. Zhang et al [131] have
also considered the use silica-encapsulated indium particles for temperature control in
the catalytic oxidation of methanol in a fixed bed reactor. The current research examines
the concept of maintaining the Fischer-Tropsch multi-tubular fixed bed reactor within a
narrow, optimum temperature range, using carefully selected phase change material as
a catalyst bed diluent. The phase change material unlike other inert catalyst diluents
can operate not only in the sensible temperature region, but in addition, brings with it
the added advantage of its latent enthalpy of fusion, acting as a temperature buffer and
delaying any significant temperature rise in the reactor in the course of the reaction.
Encapsulated phase change material in Fischer-Tropsch synthesis fixed bed reactors
may be looked upon as an “active inert”. “Inert” in this case means that they do
not promote, inhibit or directly participate in the chemical reactions. “Active” refers
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to the fact that when the reactor temperature reaches the fusion temperature of the
phase change material, the fusion enthalpy, which is up to two orders of magnitude of
the normal thermal capacity, of the phase change material acts as a temporary buffer
for the reaction heat, thus preventing local temperature rises which would under other
circumstances give rise to hotspots.
This thesis specifically examines this concept of catalyst dilution to bring about tem-
perature modulation, using the combined effect of the phase change material and tradi-
tional saturated water wall-cooling in a Fe-catalysed, Low Temperature Fischer Tropsch
(LTFT), fixed bed reactor.
2.4.3 Phase change materials in chemical reactors
Before concluding this chapter, it is pertinent to make some remarks about phase change
materials and how they can be adapted for use in chemical reactors.
Phase change materials have found application in the transient thermal management
of micro-electronics [128, 132], thermal energy storage (TES) [133] and temperature
stabilisation in modern buildings [134]. With modifications, they may also be used
in chemical reactors. Proportional-integral-differential (PID) units used for supervisory
temperature control in reactors may be limited by the size and location of thermocouples
within the reactor; it is also impractical on an industrial scale to have thermocouples
in all the tubes of the MTFBR [17]. This is especially true for heterogeneous reactions
like the Fischer-Tropsch synthesis, where chemical reactions occur on active catalyst
sites. A phase change material, with a phase transition temperature (ptt) lying between
a nominal operating temperature (e.g. the lower end of the temperature spectrum for
the LTFT, 200oC) and the onset temperature of catalyst sintering (≈ 260oC [93]) or
catalyst de-activation (whichever occurs first) can act as a rapid-responding, distributed
temperature controller. In the simulation presented in this thesis, tin (ptt= 231.9oC) is
the phase change material of choice.
Unlike in TES applications, bulk or large PCM is not very useful in reactors because of
non-uniform heat transfer. For phase change material to find relevance in a MTFBR, it
should:
(i) as in the case of TES applications, it should ideally have properties as summarised
in table 2.10
(ii) be small enough to melt swiftly (nano to millimetre-sized). As a rule of thumb,
a unit reduction in the characteristic length of the phase change material reduces
the melt time by a factor of 10 [139, 140],
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Table 2.10: Desirable qualities of phase change materials, adapted from [135–138]
Thermodynamic
properties
(a) Melt in the desired temperature range
(b)High latent enthalpy per unit volume
(c) High thermal conductivity
(d) Small volume changes on phase transition and small vapour pressure
at operating temperature in order to reduce containment problems
(e) Congruent melting
Kinetic properties (a) No super-cooling or super-heating
Chemical
properties
(a) Complete reversible freezing and melting
(b)Chemical stability
(c) No degradation after a large number of freezing melting cycles
(d) Non-corrosive
(e) Non-toxic, non-flammable and non-explosive
Economic
properties
(a) Effective cost
(b) Large scale availability
(iii) be encapsulated in an inert shell (e.g. SiO2), in order to avoid agglomeration,
leakage or contamination. It is noteworthy that silica has been found to be par-
ticularly advantageous in Fe-catalysed Fischer-Tropsch synthesis reactors. This is
because silica supported Fe catalysts are more stable and are far less susceptible
to deactivation and sintering due to the SiO2 acting as a spacer, preventing the
catalyst grains from growing together [11, 141, 142].
(iv) maintain very close contact with the catalyst in order to quench local temperature
rises.
In summary, this chapter has extensively, qualitatively considered the Fischer-Tropsch
synthesis and possibilities of catalyst bed dilution with phase change material. The
next chapter will look at developing the mathematical model for describing the reaction
system in a MTFBR.
Chapter 3
Mathematical and Numerical
Model Formulation
“It is not wise to violate the rules
until you know how to observe them.”
T.S. Eliot, (1888-1965).
This chapter presents the mathematical formulation, governing equations, and numerical
implementation of the conservation equations describing the Fischer-Tropsch reaction in
a multi-tubular fixed bed reactor. The various types of mathematical models employed
in simulating fixed bed reactors range from basic to the comparatively complicated.
The methods and assumptions deployed in computing properties (concentration, pres-
sure and temperature) in each discretisation node bring about the distinction between
the various reactor models. The chemical and transport phenomena encountered in fixed
bed reactors are inherently complex. This chapter however attempts to systematically
work through the physico-chemical peculiarities of the system in order to arrive at a
relatively simple yet sufficient model which, adequately captures the essential mecha-
nisms involved. Section 3.1 examines the description of the reactor geometry and the
transport phenomena occurring on the bulk and catalytic/sub-catalytic scales. Section
3.2 looks at the model selection criteria for the different types of reactor models and
simplifying assumptions, while section 3.3 sets out the governing conservation equations
as well as the additional energy balance for the phase change material diluent. Finally,
section 3.4 puts forward the numerical implementation of the preceding mathematical
model in COMSOL MULTIPHYSICS 4.4 [21].
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3.1 Reactor Geometry
Figure 3.1 shows a single, typical reactor tube packed with stationary catalyst pellets
and inert diluents. The coolant fluid, saturated water in this case, runs on the shell side
of the reactor, maintaining the walls at isothermal conditions by absorbing the reaction
heat. Multi-tubular fixed bed reactors typically comprise several thousand tubes which
are identically packed [17] and as there are neither inter-tube interactions nor rotational
effects, it is sufficient to represent the entire reactor with a single tube in a mathematical
model. The assumption of identical packing in each tube, such that, there is no variation
of porosity in the angular direction [143], suggests that the tube may be considered to
be symmetrical, thus enabling a reduction in the computational effort. Figure 3.2 shows
the geometric basis of the mathematical model.
Figure 3.1: Reactor tube packed with catalyst [144]
The principal challenge with modelling a heterogeneous reactor is that the reaction and
transport phenomena occur in dimensions of different orders of magnitude namely: (I)
the inter-catalyst macro-pores or bulk scale and, (II) the intra catalyst micro-pores. The
reaction is however, usually assumed to take place only on, or within the catalyst pellets.
3.1.1 Macro-scale transport phenomena effects
The packing in each tube, in the multi-tubular fixed bed reactor, may be divided into
a core zone and a wall zone, as shown in Figure 3.3. The temperature profile in the
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Figure 3.2: Model geometry represented by the 2D-axisymmetric plane of a single
tube [33]
core zone is parabolic, while the wall zone shows a sharp dip in temperature. The heat
transfer coefficient and thermal conductivity at the wall are individually made up of
the sum of their respective flow-dependent and non-flow-dependent aspects; some of the
correlations showing this are recorded in Appendix A. The heat flux at the wall (Q˙w)
is a function of the difference between the temperature of the wall (Tw) and that of the
fluid inside the bed/tube, contiguous to the wall (Tr=Rt) according to:
Q˙w = hw(Tr=Rt − Tw) (3.1)
where, hw is the wall heat transfer coefficient. The radial mass flux at the wall is zero,
as the wall is impermeable.
The temperature and pressure gradient across the bed could lead to the variation of
fluid density over the bed, which leads to free convection, which in turn brings about
additional dispersion of heat and mass (or molar) in the axial direction[145, 146]. Heat
and mass transport occur in both the fluid (reactants/products) and solid (catalyst)
phases in parallel and series concurrently. Bulk fluid transport in the axial direction gives
rise to convective molar (Jz, bulk) and heat (Qz, bulk) transport which are represented by
the following quantities respectively:
Jz, bulk = −uz∂cj
∂z
(3.2)
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Figure 3.3: Radial concentration and temperature profiles in a fixed bed reactor
[143]
Qz, bulk = −uzρfCp,f ∂T
∂z
(3.3)
where, uz is the axial component of the velocity vector, cj is the concentration of any
generic chemical species j, ρf is the average fluid density, Cp,f is the effective fluid
heat capacity and z is the unit vector in the axial direction. The reaction fluid flows
Figure 3.4: Mixing of fluid elements in between catalyst particles [143]
through a tortuous, inter-particle path in a chaotic fashion (see Figure 3.4), bringing
about axial and transverse mixing due to turbulence and molecular diffusion and con-
duction; this form of transport, particularly at high flow rates, is known as heat and
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mass “dispersion”[111]. Where there is a temperature gradient in the fluid immediately
surrounding the catalyst pellets, a temperature gradient also develops over the catalyst
pellets. Heat is transported between any two adjacent particles by direct exchange (con-
duction), through the interstitial fluid in between the pellets (conduction/convection)
or by radiation (see Figure 3.5, radiation not shown). Radiation is negligible at tem-
peratures below 400oC [147], a temperature well above the ceiling temperature of the
LTFT.
Figure 3.5: Inter-particle heat transfer in between two catalyst particles in
contact[143]
3.1.2 Micro-scale transport phenomena effects
Inside the catalyst pellet is a tortuous network of pores which increases the specific
surface area available for adsorption and reaction. The diffusion of mass and heat from
the bulk fluid phase, through the stationary boundary layer of fluid around the catalyst
pellet, and eventually through these pores, is therefore crucial to the observed rate of
reaction. A summary of the steps followed by a chemical species in a heterogeneous
reactor is given below [148] and shown schematically in Figure 3.6:
(1) Convective transport of the reactant species form the bulk reaction mixture to the
surface of the catalyst pellet
(2) Diffusion of reactants from the pores of the catalyst to the active sites
(3) Adsorption of the reactants to the active site
(4) Chemical reaction and formation of adsorbed products
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Figure 3.6: Heteregeneous reaction mechanism [149]
(5) Desorption of products from active sites
(6) Diffusion of products from the catalyst pores to the surface
(7) Convective transport of products from the catalyst to the bulk reaction mixture
It should be stated that steps (3)-(5) have been dealt with under the discussion regarding
the Fischer-Tropsch kinetics in subsections 2.2.4 through to 2.2.4.2 in chapter 2. If there
is a difference in temperature and/or concentration at the interface of the fluid and the
catalyst pellet, mass/heat transport will occur at this interface. The interfacial molar
(Jintf) and heat (Q˙intf) flux, proportional to their respective driving forces, are calculated
as follows:
Jintf = −ks(cf − cis) (3.4)
Q˙intf = −hs(T − T is ) (3.5)
where, ks and hs are respectively the averaged values of particle to fluid mass and heat
transfer coefficients over the surface of the pellets (obtainable from correlations [150]),
cf is the bulk fluid concentration, c
i
s is the concentration at the surface of the catalyst
and T is is the catalyst surface temperature. Inside the catalyst pellet, the radial heat
flux (Q˙cat) is due solely to conduction and is calculated using the Fourier’s law of heat
conduction (equation 3.6), while the molar flux (Jcat) due solely to diffusion is calculated
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using Fick’s law of molecular diffusion (equation 3.7):
Q˙cat = −κeff,r∂T
∂r
(3.6)
Jcat = −DrT∂cj
∂r
(3.7)
where κeff,r and DrT are respectively, the effective radial thermal conductivity and the
transition, molecular, radial diffusion coefficient of the two phase (fluid-solid) medium.
They are determined by a combination of the physical properties of both phases at the
prevalent operating conditions and the geometry of both the reactor tube and catalyst.
If the mean free path of the gas molecules diffusing into the catalyst pores is comparable
or exceeds the dimensions of the catalyst pores, then the gas molecules will collide more
often with the pore walls, and the radial molecular diffusion coefficient must take into
account the Knudsen diffusion (see Figure 3.7).
Figure 3.7: Influence of pore size on diffusivity of gas phase molecules[151]
The Knudsen diffusion (DKj) of any component j is given by:
DKj = 9.7Rpore
√
T
MWj
[
m2
s
]
(3.8)
where, Rpore is the pore radius, T is the absolute temperature and MWj is molecular
weight of component j. The combined molecule-molecule and Knudsen diffusion coef-
ficient for a component j can be approximated by the Bosanquet equation to give a
radial, transition diffusivity (DrT j) of component j:
1
DrT j
=
1
Dj
+
1
DKj
(3.9)
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The non-solid parts of catalyst pellets are made up of pores or voidages. The mass flux
equation (3.7) must therefore be modified to reflect the fact that catalytic molar flux,
Jcat is based only on the area of a pore by including the porosity (p) in the equation.
In addition, the random and tortuous nature of the path lengths of the pores must be
accounted for using the tortuosity (τp). The effective radial diffusion coefficient thus
becomes:
Deff,r =
p
τp
DrT j (3.10)
and a more general form of equation (3.7) may be re-written as follows:
Jcat = −Deff,r∂cj
∂r
(3.11)
Experimental evidence [46, 101, 152–157] suggests that in the LTFT, the pores of the
catalysts pellets become completely filled with liquid wax after a short start-up period.
The reactant syngas therefore has to diffuse into, and dissolve in the liquid wax at
the pore entrance in order to access the active sites for reaction, while the desorbed
products exit the catalyst by diffusing through the liquid wax. Therefore the reaction
rate is dependent on the rate of diffusion/dissolution of the reactant gas in the liquid
filled pores of the catalyst. The gas-liquid wax solution is assumed to behave ideally
(i.e. negligible enthalpy of mixing and volume increment)[158], as such, Henry’s law can
be used to describe the gas-liquid solubility.
3.1.2.1 Thiele modulus and effectiveness factor
The Thiele modulus (φ), a dimensionless quantity compares the reaction rate to the
diffusion rate and determines which is rate limiting. The Fischer-Tropsch reaction may
be considered to be a pseudo-first order reaction[5] and the Thiele modulus for a first-
order reaction occurring in a spherical pellet is given by:
φ =
Vp
Ap,ex
√
k
Deff,r
(3.12)
where, Vp is the volume of the catalyst pellet, Ap,ex is the external surface area of the
catalyst pellet and k is the reaction rate constant. The full derivation of equation (3.12)
may be found elsewhere[111, 151, 159].
Figure 3.8 depicts the normalised concentration profile of hydrogen from the catalyst
core (r/Rp = 0) to the catalyst wall (r/Rp = 1), where Rp is the radius of the catalyst.
As φ reduces, the effect of diffusional transport reduces, the reaction becomes dominant
and the observed reaction rate is significantly increased- the converse is equally true.
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Figure 3.8: Effect of Thiele modulus on the normalised concentration profiles in a
spherical catalyst particle with first order Fischer-Tropsch reaction
How efficiently the catalyst pellet is used is characterised by the effectiveness factor (η).
The effectiveness factor is the ratio of the observed reaction rate (obs) to that which
would be observed if there were no diffusion transport limitations (max), i.e. at the
external surface of the catalyst[151]. Mathematically, for a species j in a spherical pellet,
it is given by:
η =
obs
max =
∫ Vp
0
(cj)dV
Vp(cjs) =
∫ Rp
0
(cj)4πr2dr
Vp(cjs) =
Ap,ex
∫ Rp
0
(cj)
(
r
Rp
)2
dr
Vp(cjs) (3.13)
The full derivations of the effectiveness factors for different regular geometries can be
found elsewhere [111, 151, 159]. In most cases for a spherical pellet, the effectiveness
factor can be approximated by a hyperbolic tangent function of the Thiele modulus[160]
as follows:
η =
tanh(φ)
φ
(3.14)
The relationship is plotted in Figure 3.9. Equipped with a good understanding of the
transport phenomena and how they interplay with the reaction kinetics, it is now possi-
ble to systematically choose an appropriate dispersion reactor model for describing the
Fischer-Tropsch synthesis; this will be considered in the next section.
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Figure 3.9: Effectiveness factor for a first order reaction in a spherical catalyst
particle a function of the Thiele modulus
3.2 Reactor Model Selection Criteria
The choice of reactor model for a MTFBR is made on the bases of the desired accuracy,
available information and considerations for computational effort. There are, in the
main, two major approaches to the continuum modelling of a fixed bed reactor:
(1) Quasi-homogeneous or Pseudo-homogeneous model: the catalyst conditions of chem-
ical species concentration and temperature are assumed to be in equilibrium with
that of the surrounding fluid. The interparticle and intraparticle gradients are also
assumed to be insignificant. The catalyst packing is thus considered from the fluid
dynamics perspective and its effect on fluid flow.
(2) Heterogeneous model: the presence of the catalyst pellets are accounted for explicitly
by writing additional conservation equations. Usually, the rates of reaction are
modified using an effectiveness factor obtained from a catalyst pellet model [116].
Each of the aforementioned models could either be one dimensional (where only the con-
centration and temperature gradients along the reactor axial direction are considered)
or two dimensional (where both the axial and radial concentration and temperature
gradients are considered). This section attempts to select a model based on the sys-
tematic criteria set out by Mears [123, 124]. In order to do this, the base case design
parameters for the Fischer-Tropsch reaction were obtained from the work of Jess et al
[5] and outlined in Table 3.1. Table 3.2 shows some dimensionless quantities and other
calculated quantities obtained from the process parameters of Jess et al [5]; these values
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are used in the subsequent model selection criteria. The main Fischer-Tropsch synthesis
reaction, which was assumed to be a pseudo-first order reaction in H2(g), was used as
the principal reaction in the model selection exercise.
Table 3.1: Design Parameters and reaction conditions for the Fischer-Tropsch
synthesis [5]
Parameter Value Description
T0 240
oC Feed temperature
Tw 240
oC Wall temperature
p0 2.40MPa Total pressure
cmol 0.563kmolm
−3 Total molar feed concentration
dt,int 0.046m Internal tube diameter
L 12m Length of tube
dp 0.003m Diameter of catalyst particle
ρb 790kgm
−3 Bulk density of catalyst bed
yH2 0.666 Feed mole fraction
yCO 0.334 Feed mole fraction
MWav 0.010681kgmol
−1 Average molecular weight
Cp 2808J kg
−1K−1 Heat capacity of feed mixture
ΔHr -152kJmol
−1 Reaction enthalpy
κeff,r 6.3Wm
−1K−1 Effective radial thermal conductivity
κf 0.16Wm
−1K−1 Fluid thermal conductivity
μf 2.4032× 10−5kgm−1 s−1 Fluid viscosity
Eeff 52000Jmol
−1 Effective activation energy
Uwall 1380Wm
−2K−1 Overall heat transfer coefficient
Deff 1.2× 10−7m2 s−1 Effective diffusion coefficient
us 0.55m s
−1 Superficial velocity
3.2.1 Effect of interfacial gradients
A necessary but insufficient condition for using a quasi-homogeneous model is that the
interfacical gradients of temperature and chemical species concentration between the
catalyst surface and the bulk fluid, must be negligible, i.e. Tf ≈Tcat and cf ≈ ccat. This
holds true if the inequalities (3.15) and (3.16) are satisfied:
∣∣∣∣ effdp2 yH2 cmol ks
∣∣∣∣ < 0.15n (3.15)
∣∣∣∣(−ΔHr)effdp2T0hs
∣∣∣∣ < 0.15RgT0Eeff (3.16)
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Table 3.2: Parameters and dimensionless quantities computed and/or assumed
based on reaction and design conditions specified by Jess et al [5]
Parameter Value Description
 0.4mf
3/mr
3 Catalyst bed void fraction
κcat 0.243Wm
−1K−1 Catalyst thermal conductivity
G 3.304kgm−2 s−1 Superficial mass velocity
Pr =
(
Cpμf
κf
)
0.422 Prandtl number
Rep =
(
Gdp
μf
)
412.5 Reynolds number
Sc =
(
μf
ρfDeff
)
33.3 Schmidt number
Nu =
(
hsdt,int
κf
)
102.8 Nusselt number
Sh =
(
ksdt,int
Deff
)
134.8 Sherwood number
DaI =
(eff dp
uscH2
)
1.12× 10−4 1st Damko¨hler number
DaII =
(eff dp2
4Deffcs
)
0.384 2nd Damko¨hler number
DaIII =
(−ΔHreff dp
ρf us Tw Cp
)
7.36× 10−4 3rd Damko¨hler number
Pt =
(−ΔHrDeff cs
κcat Ts
)
0.055 Prater number
Pez,m =
(
us dp
Dz
)
2 Mass transfer axial Peclet number
Pez,h =
(
ρf us dpCp
κz
)
1.25 Heat transfer axial Peclet number
Per =
(
ρf us dpCp
κr
)
9 Radial Peclet number
Biw =
(
hw dt,int
κeff,r
)
10 Thermal Biot number at the wall
ΔTad =
(−ΔHr cH2
ρf Cp
)
3378K Adiabatic temperature rise
κrf 3.093Wm
−1K−1 Radial thermal conductivity of fluid
ks 5.39× 10−4ms−1 Interfacial mass transfer coefficient
hs 357.6Wm
−2s−1 Interfacial heat transfer coefficient
T ∗ 1189K Reaction temperature at hotspot
∗eff 7.84 kmolm−3s−1 Reaction rate at hotspot
If the inlet concentration of H2O is negligible, so that cH2O = 1 × 10−12molm−3, the
effective reaction rate is given by:
eff = ρb
5.1 exp
(−Eeff
RgT0
)
1 + 1.6
cH2Og
cCOg
cH2 = 7.69× 10−3
[
kmol
m3 s
]
(3.17)
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The interfacial mass transfer coefficient between the fluid and catalyst, ks and interfacial
heat transfer coefficient, hs between the fluid and catalyst are respectively calculated
using the correlations in equations (3.18) and (3.19):
Sh = 
(
ks dt,int
Deff
)
= 0.357Re0.641p Sc
0.33 (3.18)
Nu = 
(
hs dt,int
κf
)
= 1.0
(
Rep

)0.563
Pr0.22 (3.19)
For the interfacial species concentration gradient:
∣∣∣∣ effdp2 yH2 cmol ks
∣∣∣∣ < 0.15n
0.057 <
0.15
1
(3.20)
For the interfacial temperature gradient:
∣∣∣∣(−ΔHr)effdp2T0hs
∣∣∣∣ < 0.15RgT0Eeff
9.55× 10−3 < 0.012 (3.21)
Inference: The interfacial gradients are negligible. The intraparticle gradients must
also be considered in order to satisfy the necessary and sufficient conditions for using
the quasi-homogeneous reactor model.
3.2.2 Effect of intraparticle gradients
The next stage of the model complexity is accounting for the species concentration and
temperature gradient within the catalyst particle. Having shown that the interfacial
gradients are negligible, it is sensible to assume that the surface conditions of species
concentration cs and temperature Ts of the catalyst pellets are the same as those at
the feed conditions. According to Mears [123], the intraparticle heat and mass transfer
resistances may be neglected in a first order (or quasi-first order) reaction if the following
inequality is satisfied:
DaII
∣∣∣∣n− EeffRgT Pt
∣∣∣∣ < 1
0.127 < 1 (3.22)
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Inference: The intraparticle gradients are negligible, i.e. an isothermal catalyst pel-
let with, a pseudo-steady state intraparticle concentration profile may be assumed. A
combination of insignificant intraparticle and interfacial gradients provides the necessary
and sufficient conditions for applying a quasi-homogeneous model.
3.2.3 Effect of axial dispersion
Hitherto, the flow in the reactor has been assumed to be devoid of mixing or any eddy
effects. Mixing in the axial direction may be superimposed on the plug flow hydrody-
namics in order to account for non-ideal flow conditions. The axial thermal conductivity,
κz (represented by Pez,h) and axial diffusion coefficient, Dz (represented by Pez,m) im-
plicitly bring the effect of the velocity profile to bear on the reaction process. Mears
[124] reports that the effects of axial dispersion is vanishingly small if:
∣∣∣∣n.DaIPez,m −
Eeff .DaIII
RgT Pez,h
∣∣∣∣ < 0.05
7.14× 10−3 < 0.05 (3.23)
The axial mass transfer Peclet number, Pez,m was computed using the correlation in
equation (3.24):
1
Pez,m
=
0.3
Rep Sc
+
0.5(
1 +
3.8
Rep Sc
) (3.24)
In order to evaluate the axial heat transfer Peclet number, the axial thermal conductivity,
κz was first calculated using the correlation in equation (3.25):
κz
κf
= 9 + 0.75Rep Pr (3.25)
Inference: Mixing in the axial direction is inconsequential on the overall process as the
pre-set (inequality) condition is fulfilled. Therefore the effect of axial dispersion may be
ignored.
3.2.4 Model dimension and effect radial dispersion
The importance of lateral mixing in the radial direction, brought about by the chaotic
fluid flow through the catalyst bed, must also be considered. If the radial dispersion
is found to be of little consequence, then a one-dimensional model can be be applied,
as otherwise, a two dimensional model, which takes into account the axial and radial
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gradients in the reactor must be used instead. In general, there are often negligible
radial concentration gradients as radial diffusion occurs quite rapidly, and radial con-
centration symmetry can often be assumed in tubular reactors of this nature, such that
∂cj
∂r
≈ 0 [161]. Therefore, the more likely radial gradient to occur in the reactor is that
of temperature. According to Mears [123], a one-dimensional model may be adopted if:
∣∣∣∣−ΔHr∗eff d2tκrf Tw
∣∣∣∣ EeffRgT0 <
1.6(
1 +
8
Biw
)
82.36 ≮ 0.89 (3.26)
The fluid radial thermal conductivity, κrf was computed by assuming a value of 9 for
the radial Peclet number, Per[114]. The effective reaction rate at the hotspot ∗eff was
calculated at some modified temperature, T ∗ = T0 + 0.2.ΔTad.
Inference: The condition for using a one dimensional model has not been satisfied
hence, the effect of radial dispersion must necessarily be accounted for. A two dimen-
sional model will therefore be applied.
3.2.5 Effect of pressure drop
The effect of pressure drop on the operations of a gas limited fixed bed reactor is quite
important. Reactors with significant pressure drop often require the recycling of effluent
fluid products in order to maintain the reaction pressure and to drive conversion to
economically worthwhile levels [12, 18]. The Ergun equation (3.27) is customarily used
to predict the pressure drop in a packed bed reactor [162]:
−dp
dz
= f
ρfu
2
s
dp
(3.27)
Typically, the Ergun equation is used to estimate pressure drop in single fluid phase
problems in packed beds [114, 163]. Under the low temperature Fischer-Tropsch (LTFT)
reaction conditions (p ≥ 2.0MPa and T > 200oC), more than 99mol% of the reacting
species are in the gaseous phase, based on thermodynamic equilibrium calculations, even
though wax is the desired product. Based on these findings, Phillipe et al [120] in their
work reported that a gas-solid system can be assumed with minimal error. Therefore,
the Ergun equation may be used to approximate the pressure drop across the reactor.
In order to further corroborate the assertions of Phillipe et al [120], flash calculations
were carried out in this work at different pressures and inlet/coolant temperatures; the
results are presented in Figure 3.10.
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Figure 3.10: Liquid volume fraction at different pressures for various inlet/coolant
temperatures
As seen in Figure 3.10, the liquid fraction in the reactor increases with increasing pressure
and reducing temperature. The maximum liquid fraction is about 2.8% (i.e. vapour
fraction = 97.2%), occurs at conditions of Tin, cool = 200
oC and p = 2.4MPa; the floor
conditions of the LTFT. These values are very close to those suggested by Phillipe et
al [120], i.e. 99%. The flash calculations also reveal that the maximum liquid fraction
diminishes even further at higher inlet temperatures.
In addition to the foregoing, Jess et al [90] in their work suggest that the Ergun equation
may be used to determine the trends, providing the pressure drop does not exceed
5× 105Pa (= 5 bar). Again, this condition is fulfilled in equation (3.29).
Using the reactor bed and feed entry conditions, the friction factor f in equation (3.27)
may be computed as follows:
f =
1− 
3
(
1.75 + 4.2Re
5
6
p
1− 
Rep
)
= 25.07 (3.28)
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The pressure drop along the reactor is given by:
Δp =
∫ L
0
f
ρf u
2
s
dp
dz
= 1.82× 105Pa (3.29)
The expression in equation (3.28) is well suited to spherical particle packings over a
relatively wide range of particle Reynolds numbers [18].
The percentage change in pressure drop is:
Δp
p0
=
1.82× 105
2.4× 106 × 100 = 8% (3.30)
Inference: An 8% pressure drop is relatively modest, showing that an axial, multi-
tubular fixed bed reactor can be used in the process.
3.3 Governing Reactor Model Equations
From the inferences in the foregoing subsections (3.2.1) - (3.2.5), a two dimensional,
quasi-homogeneous reactor model, without axial dispersion is the appropriate model
to be applied. The respective governing molar balance, enthalpy balance, momentum
balance, state and continuity equations are given by equations (3.31), (3.32) and (3.33a-
3.33c) respectively. The rate of change of the fluid density with respect to the reactor
length was computed by applying the chain rule to the ideal gas law as in equation
(3.33b), while the gas velocity was calculated from the continuity equation as in equation
(3.33c).
−∂cj
∂t
+ Dr
(
∂2cj
∂r2
+
1
r
∂cj
∂r
)
− ∂(us cj)
∂z
−
N∑
i=1
νi,j i,j(c, T ) = 0 (3.31)
−ρfCp∂T
∂t
+ κr
(
∂2T
∂r2
+
1
r
∂T
∂r
)
− ρfusCp∂T
∂z
+
N∑
i=1
νi,j i,j(c, T )(−ΔHr) = 0 (3.32)
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−dp
dz
=
1− 
3
(
1.75 + 4.2Re
5
6
p
1− 
Rep
)
ρfu
2
z
dp
(3.33a)
∂ρf
∂z
=
MWav
Rg
(
1
T
∂p
∂z
− p
T 2
∂T
∂z
)
(3.33b)
1
ρf
∂ρf
∂t
+
∂uz
∂z
= −uz
ρf
∂ρf
∂z
(3.33c)
In equations (3.31) and (3.32), the average values of the macro-scale radial diffusion
coefficient (Dr) and the macro-scale radial thermal conductivity (κr), are defined for
the multi-phase continuum (i.e. quasi-homogeneous) reaction system with the aid of
correlations given by Skaare [164] and Xu et al [165] respectively as follows:
Dr =
[
1
1.1Pepr,m
(
1
uz.dp
− ρf .(1−
√
1− )
Rep.μf
)]−1
(3.34)
κr = κ
0
eff,r + 0.14κfRepPr (3.35)
where, the mass transfer, radial, particle Peclet number is given by:
Pepr,m = 8
[
2−
(
1− 2.dp
dt,int
)2]
(3.36)
and the static radial thermal conductivity (κ0eff,r) is as defined in Appendix A.
The initial and boundary conditions are as follows,
At time t = 0:
cj = cj0
T = T0
p = p0
uz = us
ρf = ρf 0
⎫⎪⎪⎪⎪⎪⎪⎪⎪⎪⎬
⎪⎪⎪⎪⎪⎪⎪⎪⎪⎭
∀ values of z and r (3.37)
At time t > 0:
cj = cj1
T = T1
⎫⎬
⎭ at z = 0 and 0≤r≤ dt,int2 (3.38)
∂cj
∂r
= 0 at r = 0 and r =
dt,int
2
, ∀ z (3.39)
Chapter 3. Model geometry and formulation 64
∂T
∂r
= 0 at r = 0, ∀ z (3.40)
∂T
∂r
= −hw
κr
(Treact − Tw) at r = dt,int
2
, ∀ z (3.41)
3.3.1 Chemical reaction and kinetics
The complex Fischer-Tropsch synthesis has been reduced to three representative re-
actions namely, the main Fischer Tropsch synthesis, methanation and water gas shift
reactions, respectively denoted by:
CO + 2H2 −→ (−CH2−) + H2O ΔHθ298 = −152 kJmol−1 (3.42)
CO + 3H2 −→ CH4 +H2O ΔHθ298 = −206 kJmol−1 (3.43)
CO + H2O −→ CO2 +H2 ΔHθ298 = −41 kJmol−1 (3.44)
The respective reaction rate equations are as follows:
FT = ρb
5.1 exp
(−52000
RgT
)
1 + 1.6
cH2Og
cCOg
cH2,g (3.45)
M = 27.3 ρb exp
(−70000
RgT
)
cH2,g (3.46)
WGS = ρb ×
103 × kv(RgT ) 32
⎛
⎝cCO cH2O
c
1
2
H2
− 1
Kewg
cCO2 c
1
2
H2
⎞
⎠
(
1 +Kv(RgT )
1
2
cH2O
c
1
2
H2
)2 (3.47)
The water gas shift equilibrium constant, Kewg is given by the expression of Lox et al
[54]:
exp
(
5078.0045
T
− 5.8972089 + 13.958689× 10−4T − 27.592844× 10−8T 2
)
(3.48)
The following lumps have been defined as Fischer-Tropsch products in this thesis: C1,
C2, Liquefied Petroleum Gas (C3 − C4), gasoline/naphtha (C5 − C11), diesel (C12 − C20)
and wax (C21+). The wax fraction is represented by the hydrocarbon C28H58 in the
model for simplification purposes. The Anderson Schulz Flory (ASF) molar distribution
of hydrocarbon products xcn was obtained by substituting the appropriate, constant-
valued, carbon chain growth probability factor, αFT into the Schulz-Flory [166] equation
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(3.49).
xcn = (1− αFT )× α(cn−1)FT (3.49)
It is important to note that the sum of mole fractions (xcn) for 1 ≤ cn ≤ ∞ is unity.
The rate of consumption of CO may be correlated with the mole fraction of the hydro-
carbons produced (equation 3.49) using the following C-atom balance:
[Molar consumption rate of C as CO] = [Molar production rate of C as CO2] (3.50)
+ [Molar production rate of C as hydrocarbons]
In order to account for both olefin and paraffin production for each carbon number
(cn) greater than 2, an olefin to paraffin ratio, γFT is defined and incorporated into the
atom balance. For a Fe-catalysed Fischer-Tropsch reaction, a typical value of olefin to
paraffin ratio is γFT = 0.35 [156, 167]. The total number of moles of hydrocarbon (Ntot)
produced per unit time as reported by Panahi et al [168] is given by:
Ntot =
(−FT −M −WGS
MWCO
+
WGS
MWCO2
)
Vreact
x(cn=1)
MWCH4
+
cn∑
cn=2
cn× xcn ×
(
1
(1 + γFT)
.
1
MWCcnH2cn+2
+
γFT
(1 + γFT)
.
1
MWCcnH2cn
)
(3.51)
The carbon-atom balance may then be re-written as follows:
(−FT −M).Vreact = 2WGS.Vreact + x(cn=1).Ntot +Ntot × xcn × cn (3.52)
×
cn∑
cn=2
(
1
(1 + γFT)
.
1
MWCcnH2cn+2
+
γFT
(1 + γFT)
.
1
MWCcnH2cn
)
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The rate of production (or consumption) of the various chemical species participating
in the reaction can therefore be summarised as below:
H2 = −FT − 3M + WGS (3.53)
CO = −FT −M −WGS (3.54)
CH4 = M (3.55)
CcnH2cn+2 = x(cn>2) ×Ntot × Vreact ×
1
(1 + γFT)
(3.56)
CcnH2cn = x(cn>2) ×Ntot × Vreact ×
γFT
(1 + γFT)
(3.57)
H2O = FT + M −WGS (3.58)
CO2 = WGS (3.59)
3.3.2 Effect of phase change material
This subsection attempts to incorporate the effect of the phase change material (PCM)
into the reactor enthalpy balance. If the concept of the multi-phase fluid continuum
adopted for modelling the reactor, is extended to include the encapsulated PCM packed
alongside the catalyst pellets in the reactor, then a continuous, pseudo-homogeneous,
fluid-catalyst-PCM system may be defined.
Figure 3.11 shows a schematic representation of the metallic PCM encased in a spherical
silica shell and immersed in the reaction fluid. In Figure 3.11, rSL is the radial distance
of the solid-liquid boundary, Rw is the external radius of the capsule and R is the inner
radius of the capsule. Vitorino et al [169, 170] have extensively studied the absorption
and/or desorption of heat and coolth from encapsulated phase change materials of sundry
geometries and properties under mixed control, and made the following assumptions
which will be upheld for the purpose of modelling:
(i) Symmetric discharge/absorption of heat in the radial direction
(ii) The solid-liquid interface of the PCM does not depart significantly from the PCM
fusion temperature, and there is no significant under-cooling. In a similar fashion,
the liquid PCM remains close to the PCM melting temperature with negligible
overheating.
(iii) The boundary temperatures (inner shell wall/solid PCM interface, outer shell wall
and reaction fluid, etc.) are determined by the continuity of heat flux.
(iv) The relevant physical properties of the PCM are constant.
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Figure 3.11: Schematic of a silica encapsulated phase change material: (a)Melting
(b) Solidification
The overall effect of the PCM is to provide a near isothermal sink into which the enthalpy
of reaction may be dissipated temporarily. This buffering effect of the PCM may be
reflected in the enthalpy balance by expanding the last term on the LHS of equation
(3.32) as follows:
N∑
i=1
νi,j i,j(c, T )(−ΔHr,i) = νFT,j FT (−ΔHFT) + νM,j M (−ΔHM)
+ νWGS,j WGS(−ΔHWGS)
−
N∑
i=1
νi,j i,j(c, T )(−ΔHpcm) (3.60)
For a metallic core enapsulated PCM, as in Figure 3.11, immersed in the flowing re-
action mixture, the relative effect of the capsule wall thickness is the limiting step to
heat transfer and therefore the controlling resistance. It is also logical to assume that
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the rate at which the PCM transitions depends upon the rate at which the chemical
reaction proceeds; and by extension the rate at which heat is generated by the reaction.
Therefore, the concept of continuity of heat flux may be applied as follows:
ρpcmΔHpcm
drSL
dt
≈ κpcm TR − Tm(
1
rSL
− 1
R
)
≈ κw TRW − TR(
1
R
− 1
R+ χth
)
≈ h(TRW − Tc) ≈
N∑
i=1
νi,j i,j(c, T )(−ΔHr,i) (3.61)
where the last term of equation (3.61) is as defined in equation (3.60).
3.3.3 Pseudo-continuum properties in fixed bed reactor
Consistent with the pseudo-homogeneous multi-phase continuum approach for modelling
the reactor, the solid particles, including the encapsulated phase change material will
not be explicitly accounted for. Rather, the so-called “effective heat capacity method”
[130] will be employed in reflecting the heat sink effect of the PCM in the model. In
this method, the enthalpy of the PCM, ΔHpcm, used in equations (3.60) and (3.61) will
be calculated using the piecewise, temperature dependent, heat capacity of the PCM as
depicted in equation (3.62).
Cp(pcm)(T ) =
⎧⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎩
Cp(pcm)s : T < Tm,
Cp(pcm)s +
ΔHfus
ΔT
: Tm ≤ T ≤ (Tm +ΔT ),
Cp(pcm)l : T > (Tm +ΔT ).
(3.62)
In order to facilitate the mathematical definition of pseudo-continuum physical prop-
erties of the phase change material (e.g. thermal conductivity, density, etc.), and to
alleviate any numerical discontinuities in these physical properties caused by phase tran-
sition, a “mushy zone approximation” [171] was used. The approximation entails the
definition of a temperature-dependent, piecewise liquid melt fraction (ψ), which ranges
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from 0 (completely solid) to 1 (completely liquid) (equation 3.63).
ψ =
⎧⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎩
0 : T < Tm,
ΔHpcm − Cp,pcm,s(Tm − T0)
ΔHfus
: Tm = T,
1 : T > Tm.
(3.63)
The individual physical properties were then approximated as continuous, smooth, linear
combinations of their values in the solid and liquid phases [128, 129], for example,
κpcm(T ) = κpcm,s(1− ψ) + κpcm,l × ψ (3.64)
This approach was extended in order to define effective properties of the fluid-catalyst-
PCM system by defining an arbitrary catalyst activity coefficient, σ; where 0 ≤ σ ≤ 1.
Hence the system’s overall physical properties may be defined as follows:
κf,cat,pcm(T ) = σκf,cat + (1− σ)(κpcm,s(1− ψ) + κpcm,l × ψ) (3.65)
ρf,cat,pcm(T ) = σρf,cat + (1− σ)(ρpcm,s(1− ψ) + ρpcm,l × ψ) (3.66)
Cp f,cat,pcm(T ) = σCp f,cat + (1− σ)Cp pcm(T ) (3.67)
where Cp,pcm(T ) is defined in equation (3.62).
3.4 Numerical Implementation
This section looks at how the mathematical model is solved using the commericial Fi-
nite Element Method (FEM) modelling platform, COMSOL Multiphysics 4.4 [21]. The
software possesses a variety of physics modules including: chemical reactions (Trans-
port of diluted species), heat transfer, fluid flow, Livelink with MATLABTM [172] and
user defined equations which make it possible to specify almost any type mathematical
model. Ideally, the “transport of diluted species” interface is used to model systems
where the mole fraction of one chemical species dominates, such that the effective fluid
properties may be approximated as those of the dominant species. However, central to
this interface is the Fickian diffusion law, as opposed to the Maxwell-Stefan diffusion
matrix used in the transport of concentrated species interface. Most of the modelling of
the Fischer-Tropsch synthesis available in literature have used the Fickian law approxi-
mation with results comparing with experimental values to acceptable levels, including
the works of: Rafiq et al [122], Jess et al [5], Phillippe et al [120], etc. It was therefore
on this basis that the diluted species interface was adopted in this work.
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A particularly attractive feature of the software COMSOL Multiphysics 4.4 [21] is its
ability to interface these individual pieces of physics modules automatically (providing
the numerical model is set correctly), thus enabling the model to bear a closer semblance
to reality. COMSOL Multiphysics 4.4 [21] has extensive meshing capabilities and a wide
variety of numerical solver routines which can handle problems of varying complexity.
These solvers may be optimised by the user as required. False streamline and crosswind
diffusion are inbuilt into the COMSOL equations for stability during convergence, this
however does not affect the physics of the results. All these features make COMSOL
Multiphysics 4.4 [21] an excellent fit for the nature of this work.
3.4.1 Numerical Integration and Homogenisation
The numerical integration of the system of non-linear, time-dependent system of par-
tial differential equations (PDE) (3.31-3.41) and the solution of the non-linear differen-
tial algebraic equations (DAE) and constitutive equations must be carried out on each
discretisation (meshed) node of the representative reactor geometry. The model was
discretised and numerically integrated using the time-dependent Backward Differential
Formula (BDF). The relative tolerance was set to a value of 0.001, so as to avoid the
solver (which automatically selects the time step) from skipping over the PCM’s transi-
tion point. The simulations were performed on a HP Compaq desktop with the following
specification: Quad core Intel R© Core(TM) i7-3770 CPU @ 3.40GHz, 16GB RAM.
A detailed model of the reactor including all the randomly packed particles with their
individual multi-scale transport phenomena is not only computationally unreasonable,
but unnecessary. COMSOL Multiphysics [21] handles this by treating the porous cat-
alyst packing as a homogeneous slab containing both the fluid and solids, so that the
reactions become sources and/or sinks in the molar balance rather than boundary con-
ditions around each catalyst pellet to the fluid domain. The underlying assumption is
that each individual catalyst pellet is very small compared to the entire packing in the
reactor; this is known as homogenisation [149]. Homogenisation is carried out on the
micro and macro scales as shown in Figures 3.12 and 3.13 respectively.
3.4.2 Numerical Implementation of the Phase Change Material
The concluding part of this chapter looks at the numerical implementation of the PCM
effect in the numerical model.
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Figure 3.12: Micro-scale homogenisation for the inner parts of the catalyst pellets
[149]
Figure 3.13: Macro-scale homogenisation for the fixed bed reactor [149]
The conduction equation without internal heat generation in Lagrangian coordinates is
given by:
ρpcm,sCp,eff
∂T
∂t
+∇. (−κeff ∇T ) = 0 (3.68)
The effective thermal conductivity in equation (3.68) is the same as that expressed in
equation (3.64). The liquid melt fraction, ψ which varies between 0 and 1 is imple-
mented using the in-built smoothed global Heaviside function with continuous second
order derivative- this is depicted in Figure 3.14. This has the effect of smoothing any
“jumps” which the solver may experience as the PCM’s physical properties change with
temperature. This facility helps alleviate numerical discontinuities. The effective heat
capacity was adjusted in order to incorporate the latent enthalpy of fusion using an
analytic pulse function as depicted in Figure 3.15. The amplitude of the pulse function
occurs at the fusion temperature of metallic tin, 231.9oC. This effective heat capacity is
given by equation (3.69). The latent enthalpy of fusion is reflected using the normalised
pulse, D(oC−1) within the phase change interval from T0 to T1 (T1 − T0 = 2.5oC in this
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Figure 3.14: Liquid melt fraction, ψ represented as a Heaviside function in
COMSOL
case).
Cp ,eff =
∑
i
ψ (Cp i +DΔHfus) (3.69)
The integral of the pulse function, D must equal unity in order to satisfy equation (3.70),
such that the pulse width denotes the range between the solid phase and liquid phase
temperatures. ∫ T1
T0
ρpcm ,sD(T )ΔHfus dT = ρpcm ,sΔHfus (3.70)
In this study, the pulse,D has been conveniently chosen to be the temperature-dependent
derivative of the liquid melt fraction ψ in order to satisfy equation (3.70).
The next chapter looks to validate and verify the mathematical and numerical models
developed in this chapter. Industrial and laboratory scale basecase scenarios will be
considered and modelled using the methods identified in this chapter. The results will
be compared to those reported in literature.
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Figure 3.15: Pulse function used for numerically implementing the effect of the
PCM’s latent enthalpy of fusion
Chapter 4
Validation and Verification
“We shall not cease from exploration.
And the end of all our exploring will
be to arrive where we started and
know the place for the first time.”
T.S. Eliot, (1888-1965).
This chapter is devoted to the validation of previously developed mathematical models
set out in Chapter 3, and verification of the subsequent numerical solutions. To this end,
three test categories have been considered for the verification and validation exercise in
this work. The evaluation of the capability of the software, COMSOL Multiphysics 4.4
[21], to accurately model the results of experimental and numerical simulations of the
Fischer-Tropsch synthesis in a fixed bed reactor as reported in open literature, forms
the heart of this chapter. This evaluation implicitly combines into one, the validation
and verification steps for each case. Mesh refinement studies are conducted for each case
study in order to ensure that the obtained solutions are mesh independent. The layout
of this chapter is as follows: section 4.1 looks at the verification of the axial tempera-
ture profile and reactant conversion in an industrial scale, Fe-catalysed, Fischer-Tropsch
synthesis, multi-tubular fixed bed reactor (MTFBR), against the results of Jess et al
[5]. Section 4.2 presents the verification of the product distribution and selectivity in a
laboratory scale, single tube, Co-catalysed, Fischer-Tropsch synthesis fixed bed reactor,
for four different gas hourly space velocity (GHSV) runs, against the experimental and
numerical modelling work of Rafiq et al [122] . Lastly, section 4.3 sets out the verification
for the product distribution and the reaction-time-dependent temperature profiles in a
laboratory scale, fixed bed reactor, for the exothermic Pt/SiO2-catalysed, partial oxi-
dation of methanol, with encapsulated indium phase change material as diluent against
the experimental work of Zhang et al [131].
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4.1 Fixed bed axial temperature profile and reactant con-
version (Fe-catalysed)
4.1.1 Numerical model
Figure 4.1 depicts the multi-tubular reactor, while Figure 4.2 is a schematic represen-
tation of a single tube in the Fischer-Tropsch multi-tubular fixed bed reactor in space.
It will be recalled from Chapter 3 that an underlying assumption was that each of the
tubes in the reactor is identically packed with no inter-tube interactions thus, allowing
for a single tube to represent the entire reactor [17]. The reactor bed is also assumed to
operate in a down-flow trickle bed regime, i.e. the fluid flows (trickles) downward over
a packed bed of catalyst particles [148].
Figure 4.1: Model geometry represented by the 2D-axisymmetric plane of a single
tube [33]
Cooling saturated water flows around the tube in order to remove the reaction heat. As
previously outlined in Chapter 3, a 2D quasi-homogeneous model has been adopted to
describe the physico-chemical processes occurring in the reactor; this has been numeri-
cally implemented and solved using the COMSOL Multiphysics suite. Equations (4.1 -
4.5) present the initial and boundary conditions for the Initial Boundary Value Problem
(IBVP).
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Figure 4.2: A representative fixed bed reactor tube on a 2D axisymmetric plane
At time t = 0:
cj = cj0
T = T0
p = p0
uz = us
ρf = ρf 0
⎫⎪⎪⎪⎪⎪⎪⎪⎪⎪⎬
⎪⎪⎪⎪⎪⎪⎪⎪⎪⎭
∀ values of z and r (4.1)
At time t > 0:
cj = cj1
T = T1
⎫⎬
⎭ at z = 0 and 0≤r≤ dt,int2 (4.2)
∂cj
∂r
= 0 at r = 0 and r =
dt,int
2
, ∀ z (4.3)
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∂T
∂r
= 0 at r = 0, ∀ z (4.4)
∂T
∂r
= −hw
κr
(Treact − Tw) at r = dt,int
2
, ∀ z (4.5)
4.1.2 Mesh Refinement Studies
The mesh played a crucial role in terms of: convergence, the accuracy of the solution and
what may be deemed a “reasonable” computational time for the numerical model. The
initial convergence of the numerical model is perhaps the most challenging aspect of the
solution process, as such, it was helpful to start with a relatively loose mesh in order to
achieve quick convergence and then to tighten the mesh with subsequent computational
runs. It is pertinent to state that choosing too coarse a mesh could cause instabilities
in the model and lead to erroneous solutions or even non-convergence.
In order to establish the mesh independence of the results in the course of optimising the
solution and solution time, it was necessary to carry out a mesh and convergence test
according to the Grid Convergence Index (GCI) method of Roache [173]. Unlike in the
more traditional methods used in computational fluid mechanics such as the Richardson
extrapolation which relies on mesh size doubling i.e. successive mesh sizes change by
a factor of two [174], the GCI provides a discretisation error estimate even when the
successive mesh refinements are non-integer multiples. In this work, the solution of finest
grid or mesh will be used as the “exact” solution and the absolute difference between
results from the coarser meshes and this “exact” solution will give an indication of
the error estimates in the solution deriving from any variation in spatial discretisation.
According to Schwer [175], GCI error estimates may be used with a minimum of two mesh
solutions , however better confidence is established with three or more mesh solutions;
this work uses a minimum of four mesh solutions.
Figure 4.3(a)-(d) shows a sample progression of how the quadrilateral element meshing is
tightened using a mesh size parameter h. The radial axes have been slightly exaggerated
for display purposes. The added resolution in the r direction helps capture the steep
thermal gradient propagating inwards from the exterior wall at the tube circumference.
Quadrilateral elements were chosen instead of the free triangular mesh elements, because
their high aspect ratio (ratio of the longest to the shortest edge) facilitated the addition
of resolution to areas of particular interest in the reactor, e.g. the walls where the
steepest thermal gradient occurs. Triangular elements on the other hand tend to have
an aspect ratio of one, resulting in all areas of the reactor being evenly meshed. This
may mask interesting results upon computation.
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Figure 4.3: A selection of meshes used in the mesh-convergence tests: the density of
the mesh is proportional to the magnitude of the mesh size parameter h
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The results of the mesh refinement test are presented in Fig 4.4. The mesh size pa-
rameter, h ranged from the coarse (h = 0.03, 3375 quadrilateral elements and 120290
degrees of freedom) to the fine (h = 2, 24000 quadrilateral elements and 468530 degrees
of freedom). The absolute value of the difference between the hotspot temperature at
each mesh size parameter and that at the finest mesh was monitored until the solution
converged and remained constant. It is clearly seen that beyond h = 1, there was no
significant change in the absolute temperature value. Further increments in h, beyond
h = 2, resulted in the computer running out of random access memory.
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Figure 4.4: Mesh independence test for reactor hotspot temperature at
Tin, cool = 224
oC
4.1.3 Comparison with Literature
Figure 4.5 compares simulation results obtained from the numerical model to results
published in literature. In particular, the axial temperature profiles in the reactor for
varied inlet or cooling temperatures are compared to the numerical modelling study
carried out by Jess et al [5]. As may be observed from Figure 4.5A (Jess et al [5])
and Figure 4.5B (this work), there is good agreement between the results generated
and those sourced from literature. In the main, the characteristic hotspot temperature
of a high activation energy, exothermic reaction carried out in a tubular wall cooled
reactor can be seen to occur near the reactor entrance (i.e. within the first 2m of the
reactor axial length). The amplitude of the hotspot temperature is generally exacerbated
with increasing cooling temperature, and at an inlet coolant temperature of 250oC, the
reactor tends towards instability and a thermal runaway occurs. Figure 4.6 shows a
maximum deviation of 1% between the results of this work and those of Jess et al [5]
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for the maximum temperature experienced in the reactor. This relatively small error
provides confidence in both the numerical model and ability of the software to replicate
published results.
Figures 4.7A and B juxtapose the results of Jess et al [5] with this work’s reactant
conversion profiles in the reactor, for the case of Tin, cool = 224
oC. The percentage
deviation in the exit conversions of hydrogen and carbon monoxide between the results
of Jess et al [5] and that of this study are respectively 1.4% and 1%. A maximum error of
7% was recorded on comparing the conversion per pass for carbon monoxide at various
inlet temperatures calculated in this work, with literature values, see Figure 4.8.
4.2 Experimental Co-catalysed Fischer-Tropsch Synthesis
4.2.1 Experimental Studies
In contrast to the previous section 4.2, where the numerical model was checked against
another numerical simulation in literature, this section compares results predicted by
the numerical model with those obtained from the experimental work of Rafiq et al [122].
Implicit in this aspect of the verification exercise is the establishment of the robustness
of the model to handle physical systems of varied dimensions (industrial and laboratory
scales) as well as the peculiarities of the kinetics of a cobalt versus iron catalysed Fischer-
Tropsch reaction.
Figure 4.9 is a schematic of the experimental setup, comprising a 2m long fixed bed
reactor with an inner diameter of 0.0272m. Pressurised water (200oC and 1.6× 106Pa)
in the coolant jacket was used to remove the reaction heat. The temperature of the outer
surface of the reactor vessel at the points T2 to T8 was measured using K-type ther-
mocouples. The gas phase products were analysed offline using a commercial residual
gas analyser (RGA) combined with a gas chromatograph (GC) while the liquid oil/wax
product weights were calculated by the overall mass balance within ±2.5% experimental
error. A detailed description of the experimental procedure, accuracy, specifications of
the operating conditions of the laboratory scale reactor/catalyst and the product analy-
ses may be found in the works of Rafiq et al [122]. The kinetic expressions, constitutive
equations and relevant correlations are recorded elsewhere [80, 120, 176].
4.2.2 Mesh Refinement Studies
As in subsection 4.1.2, the results obtained from this particular model were also subjected
to mesh sensitivity tests in order to confirm their reliability. The result of the mesh
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(a) Influence of cooling temperature on axial temperature profiles (Jess et
al [5])
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(b) Influence of cooling temperature on axial temperature profiles, (This work)
Figure 4.5: 2 Comparison of the influence of cooling temperature on axial
temperature profiles (Fe-catalyst using a 2D quasi-homogeneous model)
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Figure 4.6: Comparison of hotspot temperatures for various inlet or cooling
temperatures between Jess et al [5] and this work.
refinement test conducted for the exit selectivity of C5+ is presented in Fig 4.10. It
should be stated that the exit selectivity of C5+ has been used for illustration purposes,
other quantities may be used to show the same trends described in this section. The
mesh element size was fine tuned by systematically increasing the mesh size parameter,
h and re-running the simulation for each value of h. The absolute value of the difference
between the exit C5+ selectivity solution at each successive mesh and that at the finest
mesh (h = 2) was recorded until the solution converged and stabilised as shown in
Fig 4.10. The coarsest mesh consisted of 9375 quadrilateral elements with 275795 degrees
of freedom (DOF), while the finest mesh consisted of 24000 quadrilateral elements and
693215 corresponding degrees of freedom (DOF).
4.2.3 Verification of Numerical Model against Experiments
The laboratory scale reactor was modelled for four experimental runs at different Gas
Hour Space Velocities (GHSV), and the predicted results from the numerical model were
examined against those obtained from the experiment of Rafiq et al [122]. The GHSV
values spanned 37 and 148NmLg−1cat h−1.
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(a) Profiles of H2 and CO conversion in the multi-tubular
FT reactor for Tin, cool = 224
oC (Jess et al [5])
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(b) Profiles of H2 and CO conversion in the multi-tubular FT reactor for
Tin, cool = 224
oC (this work)
Figure 4.7: Comparison of profiles of H2 and CO conversion in the multi-tubular FT
reactor for Tin, cool = 224
oC (Fe-catalyst using a 2D quasi-homogeneous model)
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Figure 4.8: Comparison of CO conversion per pass for various inlet or cooling
temperature between Jess et al [5] and this work.
Figure 4.9: Schematic diagram of the Fischer Tropsch experimental setup [122]
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Figure 4.10: Mesh independence test for C5+ selectivity
20 40 60 80 100 120 140 160
Gas Hour Space Velocity (GHSV) / NmLg-1cath
-1
20
40
60
80
100
C
O
 c
on
ve
rs
io
n 
%
(a)
Experiment (Rafiq et al)
2D model (Rafiq et al)
2D model (This work)
20 40 60 80 100 120 140 160
Gas Hour Space Velocity (GHSV) / NmLg-1cath
-1
40
60
80
100
H
2 
co
nv
er
si
on
 %
(b)
Experiment (Rafiq et al)
2D model (Rafiq et al)
2D model (This work)
Figure 4.11: Comparison of the conversion of CO and H2 between the experimental
work of Rafiq et al [122], the 2D numerical model of Rafiq et al [122] and the 2D
model of this work.
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Figure 4.12: Comparison of the selectivity to C5+ and CH4 between the
experimental work of Rafiq et al [122], the 2D numerical model of Rafiq et al [122]
and the 2D model of this work.
Figure 4.11(a) and (b) compares the results of the modelling carried out in this thesis to
the experimental work and 2D modelling of Rafiq et al [122], for the conversion of CO
and H2 respectively. As may be seen from the plots, there is good agreement (within
4.5%) between the experimental results and the model put forward in this work. As
anticipated, the conversion of either reactant decreases with increasing GHSV (due to
reducing residence time with increasing GHSV).
Figure 4.12 (a) and (b) show the comparison of the selectivity to the C5+ and CH4
products of the reaction, between the experiment and models respectively. In Figure
4.12 (a), the results of the experiment and the model put forward in this work are
in good agreement (2%). In Figure 4.12 (b), the experimental selectivity to methane
is slightly higher than that predicted by either of the models except in the case of
GHSV= 111NmLg−1cat h−1, where it is slightly lower. This slight discrepancy may be
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Table 4.1: Comparison between experimental data (Co catalysed) and 2Dmodels for
GHSV = 37NmLg−1cat h
−1.
Parameters Run 1
Experiment [122] 2D model [122] 2D model (This work)
GHSV (NmLg−1cat h−1) 37 37 37
XCO 90 91 89
XH2 92 93 93
C5+ (g g
−1
cat h
−1) 5.42× 10−3 5.69× 10−3 5.60× 10−3
CH4 (g g
−1
cat h
−1) 5.92× 10−4 4.98× 10−4 4.81× 10−4
C2 (g g
−1
cat h
−1) 7.66× 10−5 9.13× 10−5 8.82× 10−5
C3 g g
−1
cat h
−1) 1.99× 10−4 2.12× 10−4 2.08× 10−4
C4 (g g
−1
cat h
−1) 2.44× 10−4 2.26× 10−4 2.30× 10−4
CO2 (g g
−1
cat h
−1) 1.33× 10−4 1.34× 10−4 1.34× 10−4
H2O(g g
−1
cat h
−1) 8.44× 10−3 8.28× 10−3 8.24× 10−3
% Selectivity (C atom basis)
CH4 7.89 6.68 6.55
C2 1.09 1.30 1.13
C3 2.90 3.11 3.10
C4 3.59 3.35 3.31
CO2 0.64 0.65 0.63
C5+ 83.89 84.91 85.28
‡ASF (αFT) 0.77 0.77 0.77
‡ The αFT obtained from experiment used directly in 2D model
explained by the fact that the models apply a common and constant carbon chain
growth probability factor (αFT), whereas, as highlighted in chapter 2, methane tends to
have a different αFT value from the other hydrocarbons produced.
The same trends described above are largely replicated in the other case studies as
recorded in Tables 4.1 to 4.4. This demonstrates the robustness of the model to effec-
tively describe the physical process.
4.3 Verification of the Effect of Phase Change Material
The final aspect of this chapter attempts to verify the heat sink effect of encapsulated
phase change materials in exothermic packed bed reactors. In order to do this, a nu-
merical model was developed, solved on the COMSOL Multiphysics platform and then
compared to the experimental work of Zhang et al [131]. As there has been no exper-
imental work done and reported in open literature regarding the use of phase change
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Table 4.2: Comparison between experimental data (Co catalysed) and 2Dmodels for
GHSV = 74NmLg−1cat h
−1.
Parameters Run 2
Experiment [122] 2D model [122] 2D model (This work)
GHSV (NmLg−1cat h−1) 74 74 74
XCO 68 68 67
XH2 71 70 71
C5+ (g g
−1
cat h
−1) 8.13× 10−3 8.58× 10−3 8.35× 10−3
CH4 (g g
−1
cat h
−1) 8.04× 10−4 7.03× 10−4 7.13× 10−4
C2 (g g
−1
cat h
−1) 1.17× 10−4 1.31× 10−4 1.27× 10−4
C3 (g g
−1
cat h
−1) 2.35× 10−4 3.07× 10−4 2.96× 10−4
C4 (g g
−1
cat h
−1) 2.6983× 10−4 3.24× 10−4 3.22× 10−4
CO2 (g g
−1
cat h
−1) 3.37× 10−4 1.32× 10−4 1.33× 10−4
H2O(g g
−1
cat h
−1) 1.26× 10−2 1.24× 10−2 1.24× 10−2
% Selectivity (C atom basis)
CH4 7.16 6.33 6.38
C2 1.11 1.26 1.22
C3 2.29 3.02 3.04
C4 2.65 3.22 3.25
CO2 1.09 0.43 0.47
C5+ 85.70 85.74 85.64
‡ASF (αFT) 0.779 0.779 0.779
‡ The αFT obtained from experiment used directly in 2D model
materials as diluents in a fixed bed Fischer Tropsch reactor, a different exothermic reac-
tion was considered; the catalytic partial oxidation of methanol on Pt/SiO2 catalyst in
this case. Zhang et al [131] have also shown that this arrangement of phase change mate-
rial being used as diluents for the the thermal management of an exothermc reaction may
be extended to other reactions with different underlying chemistry principles and rec-
tor configurations, providing the phase change material is appropriately selected. They
ascertained this by performing other experiments including the exothermic polymerisa-
tion reaction of methyl methacrylate in a stirred batch reactor, using silica encapsulated
polyethylene phase change material. It is on this basis that this concept will be extended
to the Fischer-Tropsch reaction in subsequent chapters.
As the fixed bed reactor configuration is of utmost interest as far as this work is con-
cerned, the catalytic partial oxidation of methanol will be the point of reference for this
validation and verification exercise.
Chapter 4. Validation and Verification 89
Table 4.3: Comparison between experimental data (Co catalysed) and 2Dmodels for
GHSV = 111NmLg−1cat h
−1.
Parameters Run 3
Experiment [122] 2D model [122] 2D model (This work)
GHSV (NmLg−1cat h−1) 111 111 111
XCO 40 50 47
XH2 43 52 48
C5+ (g g
−1
cat h
−1) 7.71× 10−3 9.59× 10−3 9.46× 10−3
CH4 (g g
−1
cat h
−1) 5.71× 10−4 7.55× 10−4 7.42× 10−4
C2 (g g
−1
cat h
−1) 5.27× 10−5 1.47× 10−4 1.46× 10−4
C3 (g g
−1
cat h
−1) 1.54× 10−4 3.38× 10−4 3.31× 10−4
C4 (g g
−1
cat h
−1) 2.21× 10−4 3.64× 10−4 3.60× 10−4
CO2 (g g
−1
cat h
−1) 8.85× 10−5 1.38× 10−4 1.37× 10−4
H2O(g g
−1
cat h
−1) 1.10× 10−2 1.38× 10−2 1.35× 10−2
% Selectivity (C atom basis)
CH4 5.82 6.10 6.08
C2 0.57 1.26 1.24
C3 1.72 2.98 2.98
C4 2.49 3.26 3.24
CO2 0.33 0.44 0.45
C5+ 89.07 86.0 86.01
‡ASF (αFT) 0.784 0.784 0.784
‡ The αFT obtained from experiment used directly in 2D model
4.3.1 Experimental Description
In this experimental procedure, the phase change material of choice is indium metal
(fusion temperature 156.7oC) encapsulated in silica. A full description of the phase
change material encapsulation procedure, which is not outlined here, may be found in
the works of Zhang et al [131] and Cingarapu et al [177]. The supported Pt/SiO2 catalyst
preparation procedure are also described in detail by Zhang et al [131].
Figure 4.13 is a schematic of the experimental setup. The reactor was initially heated to,
and stabilised at a temperature of 120oC under a continuous stream of He gas for 1800
seconds. A gas mixture comprising: He (87% vol.), air (9%vol. of N2+ O2) and CH3OH
was then charged into the reactor regulated by mass flow controllers at 100mlmin−1.
Two on-line gas chromatograph systems were used in analysing the effluent products:
a Porapak Q packed column with thermal conductivity detector for carbon dioxide and
a methyl-silicone capillary column with flame ionisation detector for organic products.
Three runs of experiments for three different values of ωr (ratio by mass of catalyst to
encapsulated indium phase change material) were carried out. In addition, two control
Chapter 4. Validation and Verification 90
Table 4.4: Comparison between experimental data (Co catalysed) and 2Dmodels for
GHSV = 148NmLg−1cat h
−1.
Parameters Run 4
Experiment [122] 2D model [122] 2D model (This work)
GHSV (NmLg−1cat h−1) 148 148 148
XCO 36 39 38
XH2 40 40 41
C5+ (g g
−1
cat h
−1) 9.20× 10−3 1.00× 10−2 1.00× 10−2
CH4 (g g
−1
cat h
−1) 8.19× 10−4 7.64× 10−4 7.57× 10−4
C2 (g g
−1
cat h
−1) 9.85× 10−5 1.52× 10−4 1.49× 10−4
C3 (g g
−1
cat h
−1) 2.63× 10−4 3.57× 10−4 3.54× 10−4
C4 (g g
−1
cat h
−1) 3.83× 10−4 3.53× 10−4 3.52× 10−4
CO2 (g g
−1
cat h
−1) 1.52× 10−4 1.34× 10−4 1.37× 10−4
H2O(g g
−1
cat h
−1) 1.36× 10−2 1.44× 10−2 1.42× 10−2
% Selectivity (C atom basis)
CH4 6.74 5.92 5.88
C2 0.86 1.26 1.25
C3 2.37 3.02 3.00
C4 3.48 3.04 3.10
CO2 0.46 0.38 0.39
C5+ 86.09 86.38 86.38
‡ASF (αFT) 0.8 0.8 0.8
‡ The αFT obtained from experiment used directly in 2D model
Figure 4.13: Experimental setup for the catalytic partial oxidation of methanol
reaction system [178]
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experiments involving the use of silica and silicon carbide respectively, were used as
diluents were also carried out for the purpose of comparison. The catalyst and diluent
material were mixed together and then loaded into a quartz reactor to form a 1cm long
column. A 1mm diameter thermocouple was inserted into the reactor to measure the
temperature of the catalyst bed.
4.3.2 Numerical Model
In general, the transfer of heat from the surrounding reaction fluid mixture to an en-
capsulated phase change material particle, is a function of the temperature difference
between the fluid temperature and the surface temperature of the particles. By set-
ting up an electrical circuit analogy of the external fluid, boundary region and the solid
particles system, the heat transport resistances within the system may be grouped as
follows to yield the melting time, τ of the phase change material:
τ(Ts − Tm)= ρpcmΔHfus
[
1
3
(
1
κpcmrpcm
+
1
κSiO2rSiO2
)
r3 − 1
2
r2
κpcm
+
1
6
r2pcm
κpcm
− 1
3
r3pcm
κSiO2 rSiO2
+
r2pcm
3κSiO2
]
(4.6)
Where: Ts is the particle surface temperature, Tm = 157.6
oC is the melting point of in-
dium, ρpcm = 7300kgm
−3 is the density of phase change material, ΔHfus = 28520J kg−1
is the enthalpy of fusion of indium, κpcm = 81.8Wm
−1K−1 is the thermal conductivity
of indium, κSiO2 = 1.3Wm
−1K−1 is the thermal conductivity of the encapsulating silica
shell, r is the radius of phase change material at some time t, rpcm is the radius of phase
change material before melting and rSiO2 is the radius of silica shell.
An in-depth treatment of the kinetics of the partial oxidation of methanol on Pt/SiO2
may be found in the works of McCabe et al [179] and Lordanidis [180]. If the reaction
is treated as a first order reaction (e.g. using excess air) [181], then the instantaneous
heat flow from the reaction may be represented as:
dQrel
dt
= ΔHr × k
⎡
⎢⎢⎣cCH3OH, in −
∫ t
0
(
dQrel
dt
+
dQpcm
dt
)
ΔHr
⎤
⎥⎥⎦ (4.7)
ΔHr is the enthalpy of reaction, k is reaction rate constant, cCH3OH, in is the inlet con-
centration of methanol and
∫ t
0
(
dQrel
dt
+
dQpcm
dt
)
is the corresponding net heat accu-
mulation of reaction heat, taking into account the buffering effect of the phase change
material. Solving equation (4.7) (by method of integrating factors) and integrating the
resulting expression gives the net heat released:
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Figure 4.14: Reaction temperature of the catalytic oxidation of CH3OH on Pt/SiO2
catalyst as a function of time (Experimental[131] and numerical simulation).
Qrel = ΔHr cCH3OH,in [kt+ exp(−kt)] (4.8)
It is pertinent to note that the expressions for the heat released by the reaction, as
shown in equations (4.7) and (4.8), are slightly different to those outlined in equations
(3.32) and (3.60) in chapter 3. The underlying principle is however the same, i.e., the
heat generated by the reaction is obtained by the product of the reaction rate and the
enthalpy of reaction in question, as shown in equation (4.7). As previously stated, the
second term in brackets in equation (4.7) is the effective heat accumulated when the
heat sink effect of the phase change material is considered. The heat release term in
equation (4.8) has been conveniently re-cast as a time explicit expression in order to
facilitate comparison between the available experimental data in literature [131] and the
numerical results obtained in this work as shown in Figure 4.14.
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The piecewise heat capacity expression for the phase change material in equation (3.62)
in chapter 3 has been used to compute the heat absorbed by the phase change ma-
terial, using the the principle that: the heat released by the reaction is absorbed by
the encapsulated phase change material (Qrel = Qabs = Q) according the following
temperature-dependent, piecewise, enthalpy function:
Q =
⎧⎪⎪⎪⎨
⎪⎪⎪⎩
(mSiO2 Cp, SiO2 +mpcmCp, pcm, s)× (T − T0) : T < Tm,
(mSiO2 Cp, SiO2 +mpcmCp, pcm, s)× (T − T0) + ψmpcmΔHfus : Tm ≤ T ≤ (Tm +ΔT )
(mSiO2 Cp, SiO2 +mpcmCp, pcm, l)× (T − T0) +mpcmΔHfus : T > Tm.
(4.9)
Subsequent computations with respect to the heat sink effect of the phase change mate-
rial in the reactor are consistent with the steps described in chapter 3. It will be recalled
from chapter 3 that the liquid melt fraction, ψ is given by:
ψ =
⎧⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎩
0 : T < Tm,
ΔHpcm − Cp,pcm,s(Tm − T0)
ΔHfus
: Tm = T,
1 : T > Tm.
(4.10)
Implementing and solving the foregoing and the kinetic equations on the COMSOL
Multiphysics platform yields results which were compared with the experimental data.
Figure 4.14 depicts a reaction time dependent temperature plot for different scenarios
of ωr (ratio of mass of catalyst to phase change material) and two control experiments
where the phase change material is replaced with silicon dioxide and silicon carbide in
each case. On the same graph, the numerical simulation results are plotted and as may
be seen, there is agreement between both sets of data within an error limit of 7%.
In all the scenarios, the reaction systems eventually attain steady state, with the phase
change material scenarios reaching equilibrium quicker than their contemporary inert
diluent systems. It is worthy of mention that even when high thermal conductivity ma-
terials, comparable to copper, such as SiC (κ = 360Wm−1K−1, Cp = 690J kg−1K−1)
are used as diluents, the reaction still suffers thermal runaway as shown in Figure 4.14.
The reactor temperature ramps up quickly (seeing a maximum ramp rate of about
30Kmin−1), goes through a maxima before settling down to steady state conditions.
In contrast, SiO2 with a relatively modest thermal conductivity (κ = 1.3Wm
−1K−1,
Cp = 700J kg
−1K−1) and a similar temperature ramp rate, puts the catalyst through
a less severe temperature spike and approaches steady state conditions faster. Neither
material ultimately prevents thermal runaway. This reveals that under the given cir-
cumstances, the heat capacity of the inert material is crucial to preventing runaway.
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Table 4.5: Comparison between experimental and numerical values of equilibrium
temperature and methanol conversion for the partial oxidation of methanol on
Pt/SiO2
Inert
substance ωr
Equilibrium temperature (oC) Conversion CH3OH(%)
Experiment Model Experiment Model
SiC 310 308 99.3 98.8
SiO2 320 319 98.2 97.9
PCM 100 120 120 0.6 0.54
PCM 33.3 140 140 5.5 5.1
PCM 20 165 162 32.5 31.8
Encapsulated phase change materials with fusion temperatures lying within the desired
reaction temperature range are thus attractive candidates for use as diluents because of
the high thermal capacitance/inertia they are able to provide.
Table 4.5 is a summary of the equilibrium (or steady state) temperature and methanol
conversion for both the numerical model and experiment. The maximum, absolute,
average error between the experimental and numerical model for the equilibrium tem-
perature and methanol conversion are respectively within 2% and 10%. Expectedly, a
high temperature drives the limiting reactant (CH3OH) to near total conversion as seen
in the case of SiC: 99.3% (model, 98.8%) and SiO2 98.2% (model, 97.9%). These con-
trast with the far more conservative conversion: 0.6-32.5% (model, 0.54-31.8%) achieved
when encapsulated phase change material is mixed with the catalyst; a direct result of
the more moderate temperatures experienced under these conditions.
Table 4.6 compares the product distribution of the reaction predicted by the numerical
model with that measured in the experiment. A good agreement (within 6% error) is
seen to exist between both sets of data. It should be stated that although there are quite
a number of other products (intermediary and otherwise) obtained from this reaction, a
representative desirable product, formaldehyde and a representative undesirable product
such as CO2 have been chosen to illustrate the underlying principles of the observations
made. Put together, tables 4.5 and 4.6 reveal that although the presence of the phase
change material reduces reactant conversion as a result of limiting the prevalent equilib-
rium temperature in the reactor, it equally has the effect of increasing selectivity towards
the desired HCHO.
4.3.3 Mesh Refinement
The results generated in this section were as in previous sections, subjected to mesh-
convergence tests. The mesh independence test results for the exit concentration of
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Table 4.6: Comparison between experimental and numerical values of CO2
selectivity and HCHO selectivity for the partial oxidation of methanol on Pt/SiO2
Inert
substance ωr
Selectivity CO2 (%) Selectivity HCHO (%)
Experiment Model Experiment Model
SiC 83.2 82.4 − 1× 10−4
SiO2 87.7 86.8 − 1× 10−4
PCM 100 − 1× 10−4 97.3 95.8
PCM 33.3 3.1 2.93 75.2 73.8
PCM 20 14.8 13.9 32.5 31.4
formaldehyde are depicted in Figure 4.15. The absolute value of the difference between
the exit concentration values of formaldehyde using the finest mesh h = 7 and those
using the coarser meshes, h < 7, was monitored until stability was achieved and/or the
computer ran out of random access memory. There were 668592 mesh elements and
1717036 degrees of freedom.
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Figure 4.15: Mesh refinement study for the exit concentration of formaldehyde
This chapter has provided the needed confidence in both the numerical models devel-
oped and the software suite used for generating the solutions. Subsequent chapters will
concentrate on modelling the Fischer Tropsch synthesis in fixed bed reactors with the
moderating effect of phase change materials under different conditions.
Chapter 5
Homogeneously Distributed
Phase Change Material in a Fixed
Bed Fischer-Tropsch Reactor
“If you can’t stand the heat, get out of
the kitchen.”
Harry S. Truman, (1884-1972).
The effect of an excessively high temperature in the fixed bed reactor on the Fischer
Tropsch synthesis, stemming from poor reaction heat removal, is detrimental to the pro-
cess. This chapter considers the numerical simulation of the dilution of the catalyst bed
using homogeneously dispersed encapsulated phase change material as the diluent in an
industrial scale reactor. In general, comparisons will be made between the “control”
Fischer-Tropsch reaction, where no phase change material is used (this will serve as the
base case), and a phase change material modulated Fischer-Tropsch reaction under var-
ious process conditions. Specifically, reactor temperature control, reactant conversion,
selectivity to, and productivity of representative desired (C5+) and representative un-
desired products (CH4) will be monitored and discussed. In section 5.1, the geometry
and mathematical formulation of the problem is presented. Section 5.2 outlines the gov-
erning equations, initial and boundary conditions of the initial boundary value problem
(IBVP). The validation and the mesh dependency studies conform to the previously
discussed test cases set out in chapter 4. The concluding sections of the chapter will set
out the results of the numerical simulations.
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5.1 Temperature control with phase change material
Figure 5.1a is a schematic diagram of a base case Fischer-Tropsch packed bed reactor
filled with stationary spherical catalyst pellets. Figure 5.1b shows the coolant fluid,
saturated liquid water, flowing outside the tube. For the purpose of this simulation,
Figure 5.1: Schematic packed bed reactor: (a) axisymmetric cylindrical packed bed
reactor (b) external coolant flow configuration [182].
the reactor may be imagined to contain a stationary packing of iron catalyst pellets
with spherical silica encapsulated metallic tin as phase change material homogeneously
dispersed between the catalyst pellets. The phase change material serves as a tempera-
ture buffer, preventing any excessive temperature rise within the reactor. The reactant
synthesis gas flows over the packing and the hydrocarbon products are collected at the
other end of the reactor. Modelling the Fischer-Tropsch chemistry is inherently com-
plex owing to the hundreds of products resulting from just two simple molecules. This
difficulty is further heightened by the transport phenomena implications on the reaction
chemistry by reason of carrying the reaction out in a fixed bed reactor. Furthermore, in
this case, accounting for the effect of the phase change material adds to the complexity.
It is therefore necessary to make a number of simplifying assumptions and build on the
work presented in the foregoing chapters. The relevant assumptions are as listed:
i Each of the tubes in the reactor is statistically, uniformly packed; there are neither
inter-tube interactions nor rotational effects, therefore, a single axisymmetric tube
will suffice in modelling the entire reactor
ii The reactor is assumed to be hydrodynamically isotropic, such that channelling does
not occur.
Chapter 5. Homogeneously Distributed PCM in FTS Reactor 98
iii In order to account for the dynamic nature, i.e. transitioning of the phase change
material, the process is cast and solved as a transient numerical model. The simu-
lation time has however been chosen to be long enough in order for the process to
attain quasi-steady state.
iv Solid, heavier hydrocarbons have not been accounted for, i.e. all the effluents from
the reactor are assumed to either be in liquid or gaseous state.
v The preponderance of products from the reactor are straight chain aliphatic hydro-
carbons. Alicyclics, aromatics (e.g. benzene) and oxygenates (e.g. alcohols) are
assumed to be formed in negligible quantities.
vi The influence of pore diffusion has been imposed on the lumped, intrinsic, Langmuir-
Hinshelwood-Hougen-Watson (LHHW) kinetics equation [89, 93, 94] with an effec-
tiveness factor ηpore.
vii Based on the experimental measurements of Kuntze [93] and Raak [94], the influence
of external diffusion limitations for Fischer-Tropsch operations under 400oC is neg-
ligible and has been neglected (The operational temperature throughout this thesis
will lie in this regime).
viii The ideal gas law will serve as the equation of state for the gaseous elements of the
process. This is based on the comparison of the results obtained in this work, using
the ideal gas law, to previous studies [183] carried out using the Peng-Robinson cubic
equation of state, showing no more than 3% deviation.
ix The previously outlined assumptions regarding the phase change material as outlined
in subsection 3.3.2 of chapter 3 will be maintained and upheld.
x As was arrived at in chapter 3, an extended quasi-homogeneous multiphase contin-
uum model (comprising the fluid, catalyst and encapsulated phase change material)
will be used to represent the physical process.
The next subsection will outline the governing equations. The numerical implementation
of the subsequent equations and mesh dependency/convergence tests conform to the
methods outlined in chapetrs 3 and 4 and will not be repeated here.
5.1.1 Transport phenonmena governing equations
The governing differential and algebraic constitutive equations used to model the Fischer
Tropsch fixed bed reactor with homogeneously dispersed phase change material are
outlined in this section. The salient fluid thermodynamic and physical properties such
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as density, viscosity, thermal conductivity, specific heat capacity, etc. are allowed to vary
with the local temperature. These properties are calculated for the reaction mixture
using the individual pure substances properties and local composition. Appendix A
outlines a selection of these properties and correlations used in obtaining them.
The fluid velocity is calculated from the continuity equation which is given by:
∂ρf
∂t
+∇ · (ρf uz) = 0 (5.1)
where ρf is the pseudo-continuum fluid density and uz is the velocity vector of the pseudo-
fluid. The momentum balance is approximated using the classical Ergun equation [162],
the form of the Ergun equation used in equation 5.2 was one which was valid for spheres
over a wide range of particle Reynolds numbers (Rep) as reported by Froment et al [114].
− ∂p
∂z
=
1− 
3
(
1.75 + 4.2Re
5
6
p
1− 
Rep
)
ρf u
2
z
dp
(5.2)
The ideal gas law is expressed as follows:
ρf =
pMWav
Rg T
(5.3)
Applying the chain and quotient rules gives a more useful differential form of the equa-
tion, showing how the fluid density varies with reactor axial length:
∂ρf
∂z
=
MWav
Rg
(
1
T
∂p
∂z
− p
T 2
∂T
∂z
)
(5.4)
The material balance for the individual species j is as follows:
−∂cj
∂t
+ Dr
(
∂2cj
∂r2
+
1
r
∂cj
∂r
)
− ∂(us cj)
∂z
−
N∑
i=1
νi,j i,j(c, T ) = 0 (5.5)
The enthalpy balance with the buffering effect of the phase change material incorporated
is as follows:
−ρfCp∂T
∂t
+ κr
(
∂2T
∂r2
+
1
r
∂T
∂r
)
− ρfusCp∂T
∂z
+
N∑
i=1
νi,j i,j(c, T ) (−ΔHr +ΔHpcm) = 0
(5.6)
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Table 5.1: Properties of phase change material
Parameters Value Units
Phase change material Sn -
Fusion temperature, Tm 231.9
oC
Latent enthalpy of fusion, ΔHfus 60500 J kg
−1
Density of solid phase 7184 kg m−3
Density of liquid phase 6990 kg m−3
Heat capacity of solid phase 214 J kg−1K−1
Heat capacity of liquid phase 212 J kg−1K−1
Thermal conductivity of solid phase 67 W m−1K−1
Thermal conductivity of liquid phase 32.6 W m−1K−1
Differential temperature melting range, ΔT 2.5 oC
Thermal conductivity of SiO2 1.3 W m
−1K−1
Heat capacity of SiO2 700 J kg
−1K−1
whence,
ΔHpcm =
⎧⎪⎪⎪⎨
⎪⎪⎪⎩
(mSiO2 Cp, SiO2 +mpcmCp, pcm, s)× (T − T0) : T < Tm,
(mSiO2 Cp, SiO2 +mpcmCp, pcm, s)× (T − T0) + ψmpcmΔHfus : Tm ≤ T ≤ (Tm +ΔT )
(mSiO2 Cp, SiO2 +mpcmCp, pcm, l)× (T − T0) +mpcmΔHfus : T > Tm.
(5.7)
and the liquid melt fraction, ψ is given by:
ψ =
⎧⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎩
0 : T < Tm,
ΔHpcm − Cp,pcm,s(Tm − T0)
ΔHfus
: Tm = T,
1 : T > Tm.
(5.8)
Table 5.1 lists the relevant physical and thermal properties of the phase change material
used in this work.
The initial and boundary conditions for the material and enthalpy balances are as fol-
lows: At time t = 0:
cj = cj0
T = T0
p = p0
uz = us
ρf = ρf 0
⎫⎪⎪⎪⎪⎪⎪⎪⎪⎪⎬
⎪⎪⎪⎪⎪⎪⎪⎪⎪⎭
∀ values of z and r (5.9)
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At time t > 0:
cj = cj1
T = T1
⎫⎬
⎭ at z = 0 and 0≤r≤ dt,int2 (5.10)
∂cj
∂r
= 0 at r = 0 and r =
dt,int
2
, ∀ z (5.11)
∂T
∂r
= 0 at r = 0, ∀ z (5.12)
∂T
∂r
= −hw
κr
(Treact − Tw) at r = dt,int
2
, ∀ z (5.13)
5.1.2 Chemical kinetics and reaction on commercial iron catalyst
Industrial scale, heterogeneous, fixed bed reactors operate in the region of influence of
mass and heat transport limitations. It is therefore necessary to modify intrinsic reaction
rate equations obtained in the laboratory to account for transport resistances in order
to accurately model the reaction process. Kuntze [93] and Raak [94] in their research
measured the intrinsic rate of consumption of hydrogen gas on a typical iron catalyst
(ARGE cat.), using a bench scale fixed bed reactor with small particles (< 0.2mm
diameter), and fitted their reaction rate expression to a Langmuir-Hinshelwood-Hougen-
Watson (LHHW) type equation (see equation 5.14), which considers the inhibiting effect
of water vapour on the Fischer Tropsch reaction rate per unit mass of catalyst:
mFT = kH2,HW
cH2,g(
1 +KHW
cH2O, g
cCO, g
) (5.14)
The intrinsic reaction rate constant, kH2,HW and the LHHW coefficient, KHW are given
by equations 5.15 and 5.16:
kH2,HW = 1.2× 107 exp
(−109000
RgT
) [
m3
kg s
]
(5.15)
KHW = 0.2 exp
(
8800
RgT
)
(5.16)
For an industrial scale reactor (particle diameter, dp > 1mm), however, the effect of
catalyst pore diffusion must be considered, as such, the intrinsic reaction rate, (equation
5.14) needs to be modified using an effectiveness factor, ηpore as shown below:
mFT, eff = ηpore
⎛
⎜⎝ kH2,HW
1 +KHW
cH2O,g
cCO,g
⎞
⎟⎠ cH2,g = ηpore kH2 cH2, g (5.17)
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The quantity in parenthesis may be defined as some quasi-first order reaction rate con-
stant, km,H2 . The pore diffusion effectiveness factor is given by the expression:
ηpore =
mFT, eff
km,H2 cH2,g
=
tanhφ
φ
≈ 1
φ
(for φ ≥ 2) (5.18)
where, the Thiele modulus φ for the Fischer Tropsch synthesis is given by:
φ =
Vp
Ap, ext
√
km,H2 ρp cH2,g
Deff,H2,l cH2,l
(5.19)
The Thiele modulus which is akin to the 2nd Damko¨hler number (DaII) in expression,
accounts for the species transport from the surface of the catalyst pellet to the inside of
the catalyst pellet. The ratio Vp/Ap,ex is the ratio of the volume of the catalyst pellet
to its external surface area, and cH2,l is the concentration of dissolved hydrogen gas in
the liquid wax. The quantity cH2,l was computed using Henry’s law, with a Henry’s
coefficient (HH2,c ≈ 20, 000Pam3mol−1)[5]:
cH2,l =
pH2,g
HH2,c
cH2,g (5.20)
Combining equations (5.19) and (5.20), the expression for the Thiele modulus becomes:
φ =
Vp
Ap,ex
√√√√√ km,H2 ρp
Deff,H2,l
RgT
HH2,c
(5.21)
where Deff,H2,l is the effective diffusion coefficient of hydrogen in the liquid filled porous
catalyst. This takes into account that only a fraction of the pellet is permeable to fluids
(through the particle porosity, p) and that the path of travel through the pellet is
random and tortuous (through the particle tortuosity, τp). The ratio
p
τp
= 0.3 [93, 94].
The effective diffusion coefficient is calculated using the molecular diffusivity of H2 as
follows:
Deff,H2,l =
p
τp
Dmol,H2,l ≈ 0.3Dmol,H2,l (5.22)
The molecular diffusivity, Dmol,H2,l is calculated using the Wilke-Chang equation [184]
Dmol = 1.173× 10−16 (ΨaMWwax)
1
2
T
μwax V 0.6H2
[
m2
s
]
(5.23)
whence, Ψa is an association parameter of the solvent wax, which has a value of 1.0 for
unassociated solvents (such as the FT wax in this case) [185], MWwax is the molecular
weight of the solvent Fischer-Tropsch wax (The Fischer-Tropsch wax in this work, has
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been assumed to be octacosane with chemical formula C28H58), T is the absolute tem-
perature, μwax is the viscosity of the Fischer-Tropsch wax and VH2 is the molar volume
of hydrogen at the normal boiling point, obtained from Le Bas [186].
An accurate modelling of the Fischer-Tropsch reaction in a fixed bed reactor may be
achieved using three principal reactions namely, the main Fischer-Tropsch reaction, the
methanation reaction and the water gas shift reaction [5].
CO + 2H2 −→ (−CH2−) + H2O ΔHθ298 = −152 kJmol−1 (5.24)
CO + 3H2 −→ CH4 +H2O ΔHθ298 = −206 kJmol−1 (5.25)
CO + H2O −→ CO2 +H2 ΔHθ298 = −41 kJmol−1 (5.26)
The intrinsic rates of these three reactions (equations 5.24 - 5.25) were experimentally
determined by Popp [92]. The aforementioned transport limitations have been imposed
on the intrinsic reaction rates so that the equations (5.27 - 5.29) represent the effective
reaction rates (molm−3 s−1), valid for a fully developed catalyst pore diffusion effect(
T > 220oC,
Vp
Ap,ex
= 5× 10−3m
)
[54, 89]. The water gas shift reaction rate expression,
(equation 5.29), was taken from Lox et al [54].
FT = ρb
5.1 exp
(−52000
RgT
)
(
1 + 1.6
cH2Og
cCOg
) cH2,g (5.27)
M = 27.3 ρb exp
(−70000
RgT
)
cH2,g (5.28)
WGS = ρb ×
103 × kv(RgT ) 32
⎛
⎝cCO cH2O
c
1
2
H2
− 1
Kewg
cCO2 c
1
2
H2
⎞
⎠
(
1 +Kv(RgT )
1
2
cH2O
c
1
2
H2
)2 (5.29)
The water gas shift equilibrium constant, Kewg is given by the expression of Lox et
al[54]:
exp
(
5078.0045
T
− 5.8972089 + 13.958689× 10−4T − 27.592844× 10−8T 2
)
(5.30)
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Finally, the consumption or production rate laws based on the reaction stoichiometry
(equations 5.24 - 5.26), are as follows:
H2 = −FT − 3M + WGS (5.31)
CO = −FT −M −WGS (5.32)
CH4 = M (5.33)
CcnH2cn+2 = x(cn>2) ×Ntot × Vreact ×
1
(1 + γFT)
(5.34)
CcnH2cn = x(cn>2) ×Ntot × Vreact ×
γFT
(1 + γFT)
(5.35)
H2O = FT + M −WGS (5.36)
CO2 = WGS (5.37)
where, cn is the number of carbon atoms in the hydrocarbon in question, αFT is the
constant carbon chain growth probability factor and γFT is the olefin to paraffin ratio,
The total number of moles of hydrocarbon (Ntot) produced per unit time as reported
by Panahi et al [168] is given by:
Ntot =
(−FT −M −WGS
MWCO
+
WGS
MWCO2
)
Vreact
x(cn=1)
MWCH4
+
cn∑
cn=2
cn× xcn ×
(
1
(1 + γFT)
.
1
MWCcnH2cn+2
+
γFT
(1 + γFT)
.
1
MWCcnH2cn
)
(5.38)
5.2 Product distribution with increasing molecular weight
Figure 5.2 shows the distribution of a selection of straight chain aliphatic alkane/paraffin
products in the reactor. As may be observed, the reaction products are minimal at the
reactor inlet (top of the reactor) and increase as the reactants travel further down the
reactor. It is also worthy of note that as the molecular weight of the product hydrocarbon
increases, the preponderance of the product seems to be synthesised close to walls of the
reactor as opposed to the reactor core. This behaviour is particularly pronounced in the
case of heavier hydrocarbons such as, C5+ in Figure 5.2.
The core of the reactor is the hottest part of the reactor, while the walls, which are kept
at near isothermal conditions by saturated water, are the coolest part of the reactor.
From the Clausius-Clayperon equation, (see equation 5.39), which relates the vapour
pressure (pvap) of a substance to its molecular weight (MW ) and enthalpy of vaporisation
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(ΔHvap), it can be deduced that a concomitant of increasing the molecular weight of a
substance is a reduction in its vapour pressure. In the reactor, the gaseous hydrocarbon
molecules which have vapour pressures far above the prevalent total
Figure 5.2: Hydrocarbon mole fraction in fixed bed Fischer-Tropsch reactor;
molecular weight increases by 0.014kg mol−1 successively from (CH4) through to
(C5+): As molecular weight increases, there is more of the synthesised hydrocarbon
present at the reactor walls than at the axis.
∂ loge(pvap)
∂T
=
MWΔHvap
RgT 2
(5.39)
pressure in the reactor, persist in the reactor as gases, e.g. methane. The heavier
hydrocarbons (C5+) which, tend to be liquids at normal temperature and pressure,
with high molecular weights, have lower vapour pressures, and in addition, the weak
intermolecular forces of alkanes also means they are readily vaporised. The existing
chemical species gradients, which are perpendicular to the direction of reactant flow in
the reactor and are aggravated by the external radial cooling of the reactor, have the
effect of transporting away from the catalyst surface, the products that are formed on,
and desorbed from the catalyst active sites, towards the reactor walls. At the walls, the
heavier vaporised hydrocarbon molecules are condensed, while the lighter hydrocarbons
are displaced towards the centre of the reactor. This explains concentration of the heavier
hydrocarbons at the walls and their lighter counterparts at the core of the reactor as
seen in Figure 5.2.
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The subsequent sections in this chapter look at the effect of changes in process condi-
tions or design parameters on the performance of the reactor in terms of the reactant
conversion, the productivity of desired and undesired products and thermal controlla-
bility. The mitigating effect of the homogeneously distributed phase change material in
the catalyst bed will also be presented and discussed.
5.3 Effect of varying the catalyst mass fraction.
5.3.1 Effect on reactant conversion and representative hydrocarbon
productivity
This section looks at the effect of diluting the catalyst bed with different mass fractions
of encapsulated phase change material on the reactor temperature profile and other
key performance indices of the reactor including: reactant conversion, representative
hydrocarbon productivity, etc. Figure 5.3a-d depicts the conversion of CO and H2 and
the productivities of C5+ and CH4 as functions of the reactor axial length respectively
after 7200s of reaction time. The coefficient, σ represents the fraction by mass of catalyst
pellets present in the reactor, while the balance, (1− σ) represents the fraction by mass
of encapsulated phase change material present in the reactor as diluent. As such, an
increase in the value of (1−σ) corresponds to a pronounced buffering effect of the phase
change material on the maximum temperature attained within the reactor.
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Figure 5.3: Reactant conversion and representative hydrocarbon productivity
profiles for Fischer-Tropsch synthesis for varying concentrations by mass of phase
change material at: t = 7200s, Tin,cool = 230
oC and Rt = 0.023m
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Table 5.2: Carbon based selectivity of hydrocarbon products with varying
concentrations by mass of phase change material diluent
1− σ SC5+ (%) SCH4 (%)
0 83 6.9
0.15 83.5 6.8
0.5 86.3 5.82
0.65 87.6 5.29
0.9 89.8 4.4
Expectedly, the extent of conversion of CO and H2, as seen in Figure 5.3a-b, reduces
with increasing the fraction of phase change material; maximum conversion is achieved
at (1− σ=0) and conversion is at a minimum at (1− σ=0.9). The conversion per pass
of H2 is slightly less than that of CO for each corresponding catalyst activity coefficient,
for example, at Tin,cool = 230
oC, (1−σ=0), XH2 ≈ 32% while XCO ≈ 38%- this is due to
the water gas shift reaction which consumes additional CO to produce water and CO2.
This behaviour persists irrespective of the fraction of phase change material present in
the bed.
Figure 5.3c-d shows the productivity of C5+ and CH4 respectively, with and without
catalyst dilution. As in the case of the reactant conversion, the productivity of both
representative desired and undesired products reduce with an increase in the fraction
of phase change material present in the reactor. On average, for the same reaction
conditions, for every unit molar reduction in C5+ productivity, there is a correspond-
ing 1.5 moles reduction in the productivity of methane. This shows that the phase
change material, by restricting rapid temperature rise in the reactor impedes the pro-
duction of methane more than it does the heavier hydrocarbon molecules. Furthermore,
an interesting pattern emerges with regards to the selectivity of both products as the
concentration by mass of the phase change material in the catalyst bed increases. Ta-
ble 5.2 shows the carbon-based selectivity for both of the representative products of
the reaction, calculated using equation (5.40). The table reveals that as the quantity
(1− σ) increases, and the temperature rise in the reactor becomes more restricted, the
selectivity of the catalyst towards the heavier hydrocarbon molecules increase, while the
selectivity towards the lighter hydrocarbons wanes. There is almost a 7% increase in
selectivity towards the C5+ and a 2.5% reduction in selectivity towards CH4 over the
inequality 0 ≤ (1− σ) ≤ 0.9.
SCnH2n+2(%) =
moles of CnH2n+2 produced× cn
moles of CO removed
× 100 (5.40)
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As will be shown later in chapter 7, the phase change material and catalyst could be
optimally distributed in such a fashion that maximises the productivity of the heavier
hydrocarbon molecules while minimising the methane production. The remainder of this
chapter will however maintain focus on the general ramifications of catalyst dilution with
phase change material under varied process conditions.
5.3.2 Effect on temperature profile in the reactor
Figure 5.4 shows the axial and radial temperature distribution in the reactor after 7200s
of reaction time for the base case of Tin,cool = 230
oC, obtained from the 2D quasi-
homogeneous model. As may be observed, there is a hotspot generated within the first
2.5m of the axial length of the reactor as is customary with carrying out an exothermic
reaction in a wall-cooled packed bed reactor. The maximum axial temperature difference
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Figure 5.4: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for Fischer-Tropsch synthesis at: t = 7200s,
Tin,cool = 230
oC and Rt = 0.023m
in the reactor is 30oC. The radial wall cooling also produces a temperature gradient in
the radial direction and as depicted in Figure 5.4, there is a 10oC temperature difference
in the radial direction. Figure 5.5a-d shows the effect of different phase change material
concentrations on the axial and radial temperature profiles in the reactor.
The catalyst mass fraction, σ increases from 0.1 to 0.85 in Figure 5.5a to d respectively
and by extension, the mass fraction of the phase change material, (1 − σ) decreases
respectively from 0.9 to 0.15. There is a significant change in the temperature profile
in the reactor as the catalyst bed dilution is gradually increased. As an example, at
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Figure 5.5: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for Fischer-Tropsch synthesis for varying concentrations by
mass of phase change material at t = 7200s, Tin,cool = 230
oC and Rt = 0.023m: (a)
1− σ = 0.9 (b) 1− σ = 0.65 (c) 1− σ = 0.50 (d) 1− σ = 0.15
maximum catalyst dilution (1−σ = 0.9) in Figure 5.5a, the amplitude of the temperature
difference on the axial axis has been reduced from 30oC to approximately 1oC and the
maximum radial temperature difference has been reduced from 10oC to about 2oC, thus
ensuring a near isothermalisation of the reactor. As the diluent concentration by mass
falls, in Figure 5.5b-d, the temperature differences in the reactor begin to rise with a
corresponding increase in both the conversion of syngas and hydrocarbon productivity.
In a practical situation, the requirement of maximising the productivity of the long
chain hydrocarbon molecules would serve as the discriminant for the upper limit of the
amount of phase change material that should be introduced into the process. The lower
limit will depend upon what maximum temperatures can be tolerated by the catalyst
and the temperature distribution within the reactor.
5.3.3 Radial profiles of temperature, heat removed and reaction rate
at hotspot location
Figure 5.6a-d represents the radial profiles of the reactor sectioned at the location of the
hotspot, (≈ 2m from the reactor entrance), for inlet conditions of 230oC and 2.4MPa at
different catalyst dilutions. The temperature difference between the reactor core (hottest
part of reactor) and circumference (coolest part of reactor) diminishes with an increase
in the concentration by mass of the phase change material in the reactor.
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Figure 5.6: Plan view of the Fischer-Tropsch reactor at the hotspot location,
showing the radial temperature profiles (oC) for varying concentrations by mass of
phase change material at: t = 7200s, Tin,cool = 230
oC and Rt = 0.023m
Figure 5.7 presents a summary of how the respective ratios of reaction rate at the
reactor centre to that at the wall, heat flux at the reactor centre to that at the wall, and
temperature at the reactor centre to that at the wall, all at the hotspot location and as a
function of the concentration by mass of the phase change material. As the temperature
ratio falls due to the buffering effect provided by the phase change material, both the
heat flux and reaction rate ratios also fall. For the same fall of 8% in temperature ratio
over 0 ≤ (1 − σ) ≤ 1, the dip in reaction rate is more severe at 28%, compared to a
corresponding 9% dip in the heat flux ratio, thus highlighting the exponential and linear
temperature dependent nature of the reaction rate and heat flux respectively.
5.4 Effect of varying the inlet or coolant temperature.
5.4.1 Effect on reactant conversion and representative hydrocarbon
productivity
Figure 5.8a-d presents the results of varying the inlet/coolant temperature on the reac-
tant conversion and the productivity of selected hydrocarbons both with and without
phase change material. Where the phase change material has been taken into account,
the base case scenario of catalyst activity, σ = 0.6 has been considered. Similar to what
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Figure 5.7: Ratios of physical quantities (Q, T,) at the reactor core to that at the
reactor wall, as a function of varying concentrations by mass of phase change material
was noticed in the previous section, both conversion and productivity were reduced
when the effect of the phase change material was included. The conversions of CO,
XCO and hydrogen XH2 at 224
oC (Figure 5.8a and b), without phase change material
are respectively 32% and 30%, whereas with phase change material, XCO = 25% and
XH2 = 24%. On increasing the temperature to 245
oC without phase change material,
there was increased conversion with XCO = 54% and XH2 = 41% and on diluting the
catalyst bed, the corresponding conversions are: XCO = 41% and XH2 = 35%.
In Figure 5.8c-d, the influence of temperature (and its control) can be seen on the
species productivity of the more valuable C5+ and less desirable CH4. Expectedly, there
is a corresponding acceleration of the reaction kinetics with successive step increments
in Tin, cool. As the temperature increases and the reactor becomes more sensitive and
more prone to thermal runaway, (at about 245oC), there is a significant rise in the
CH4 production by about 63% compared to a more modest 17% increase in the C5+
for the same step change in temperature from 224oC to 245oC. This observation, i.e.
increased production for CH4 at higher temperatures, is consistent with thermodynamic
predictions in literature [13] [187]. This excessive methanation may be put down to
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Figure 5.8: Reactant conversion and representative hydrocarbon productivity
profiles for Fischer-Tropsch synthesis with or without phase change material for
varying inlet/coolant temperatures at: t = 7200s, σ = 0.6 and Rt = 0.023m
the early desorption of the surface species rather than the continued attachment to the
active sites and propagation to higher molecular weight hydrocarbon products [187]. It
is equally pertinent to note that this sudden spike in methane production is perhaps
the most reliable way of detecting a thermal runaway as it is not practical to place
thermocouples in each individual tube of the multi-tubular fixed bed reactor. This is
one of the reasons why on-line product analysis is carried out in industry, so as to
monitor a “key” product, such as methane in this case. If the concentration of this
“key” product exceeds a pre-set limit, the reactor must be shut down and allowed to
cool before operation is re-commenced.
As the effect of the phase change material is brought to bear on the process, (Figure
5.8c-d), it can be seen that CH4 production has been reduced by as much as 34% (at
245oC for example) and the C5+ productivity fell by about 15% (at 245
oC); in other
words, the methane synthesis fell by more than twice as much as did the production
of the heavier hydrocarbons. The reason for this observation may be put down to the
heat extraction form the reactor augmented by the phase change material, limiting the
exponential increase of the reaction rate of the methanation process. The apparent tardy
rise of the phase change material influenced C5+ productivity curves is brought about
because the phase change material delays and controls the temperature ramp rate in the
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reactor. The reaction rate is thus slowed down and this is reflected in how quickly the
reactants are converted to products (C5+).
5.4.2 Effect on maximum temperature (Tmax) in the reactor
Figures 5.9a-d and Figures 5.10a-d depict the axial and radial temperature profiles in the
reactor after 7200s of reaction time, with and without phase change material respectively.
As the inlet/coolant temperature is increased, there is a corresponding increase in the
maximum axial temperature (Tmax) in the reactor. For example, in Figure 5.9a where
Tin, cool = 224
oC, there is a corresponding Tmax ≈ 249oC, and for a step change of 11oC
in Tin, cool, the corresponding Tmax ≈ 278oC as shown in Figure 5.9c.
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Figure 5.9: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for FTS without phase change material diluent, for varying
inlet/coolant temperatures at t = 7200s, σ = 1.0 and Rt = 0.023m:
(a)Tin, cool = 224
oC (b)Tin, cool = 230
oC, (c)Tin, cool = 235
oC (d)Tin, cool = 245
oC
The observed increase in the productivity of both representative hydrocarbons in Figure
5.8c-d and the exacerbation of the maximum axial temperature in the reactor (Figure
5.9a-d) due to the increase in feed temperature is known as parametric sensitivity. This
phenomenon, which is typical of high activation energy, exothermic reactions such as
the Fischer Tropsch Synthesis, occurs as a result of the exponential dependency of the
rate of reaction on temperature increase (Arrhenius equation) while, the rate of heat
removal by the jacket cooling fluid increases linearly (Newton’s law of cooling). It follows
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Figure 5.10: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for FTS with phase change material diluent, for varying
inlet/coolant temperatures at t = 7200s, σ = 0.6 and Rt = 0.023m:
(a)Tin, cool = 224
oC (b)Tin, cool = 230
oC, (c)Tin, cool = 235
oC (d)Tin, cool = 245
oC
therefore, that on the one hand, when an upper temperature threshold is exceeded, the
heat released will exceed that removed, the reaction will “ignite” and proceed at a
tremendous rate. On the other hand, if a lower temperature limit is reached, the heat
removal overtakes evolution and the reaction is extinguished altogether. These two
scenarios depict the extremes of multiple stationary states that could be brought about
by thermal instabilities.
The effect of the temperature control brought about by the phase change material on
the reaction system is evident in Figure 5.10a-d, with much flatter profiles compared to
those in Figure 5.9a-d. It is also of interest to note that the phase change material still
controls temperature at Tin, cool values greater than the phase transition temperature
of the phase change material (=231.9oC). As an example at Tin, cool = 245
oC (Figure
5.10d), Tmax ≈ 280oC compared to Tmax ≈ 315oC observed for the same inlet/coolant
temperature without phase change material modulation in Figure 5.9d. This control is
achieved as follows: as the reaction proceeds and heat is generated, the temperature
of the evenly dispersed encapsulated phase change material located in the catalyst bed
is raised to its fusion temperature, whereupon it begins to melt. The melting process
which occurs at near isothermal conditions provides a near isothermal sink into which
the enthalpy of reaction may be dissipated temporarily. In other words the phase change
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material serves as a buffer which provides thermal inertia in the reaction system and
delays any excessive temperature rise in the reactor in a manner proportional to the
fractional concentration by mass of the diluent present in the reactor. The temperature
control action of the phase change material serves as an auxiliary system under the
supervisory cooling mechanism of the jacketed coolant, thus preventing the phase change
material from being overwhelmed under a continuous reaction system.
A useful inference to draw from this study is that the less dramatic reduction in the
productivity of the C5+ compared to the productivity of CH4 (as noted in subsection
5.4.1 when the influence of the phase change material is considered) is achieved without
the comparatively large temperature spikes observed without the use of phase change
material. This potentially opens up the possibility of the catalyst activity being pro-
moted to favour selectivity towards the heavier hydrocarbons, e.g. by the addition of
oxides of alkali and transition metals [188] [36]. Thus, increasing the conversion per pass
with reduced heat transport penalties. The next section of this chapter will look at the
results of running simulations using increased catalyst activity with higher selectivity
towards the heavier hydrocarbon molecules.
5.5 Effect of using promoted catalyst
5.5.1 Effect on reactant conversion and representative hydrocarbon
productivity
Li et al [188] in their experimental work noted that the synthesis of high surface area
catalyst precursors based on precipitated Fe–Zn oxides and their promotion with Cu,
Ru, and K led to high Fischer–Tropsch synthesis rates and low CH4 selectivities. They
also pointed out that the catalysts can be operated at milder conditions (200oC, 2.0MPa)
typically used for the more expensive cobalt based catalysts and that they showed similar
heavier hydrocarbon synthesis rates per catalyst mass (or volume) than representative
Co-based Fischer Tropsch Synthesis catalysts. The low reaction temperatures made
possible by the high Fischer Tropsch Synthesis activity of these Fe-based catalysts also
led to lower CO2 production than on Fe-based catalysts previously reported in liter-
ature. This section looks at the effect of promoting the catalyst, thus accelerating
the reaction rate by a factor of between 20% and 100% of the original, unpromoted
value at Tin,cool = 230
oC. This catalyst promotion is simulated under conditions of no
phase change material modulation and with phase change material modulation. Figure
5.11a-b show the conversion of CO and H2 at different reaction rates with (broken lines)
or without (solid lines) phase change material. The phase change material modulated
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Figure 5.11: Reactant conversion and representative hydrocarbon productivity
profiles for Fischer-Tropsch synthesis with and without phase change material for
varying reaction rates at: t = 7200s, Tin,cool = 230
oC and Rt = 0.023m
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Figure 5.12: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for Fischer-Tropsch synthesis without phase change
material for varying reaction rates at t = 7200s, Tin,cool = 230
oC, σ = 1.0 and
Rt = 0.023m: (a) FT = FT (b) FT = 1.2FT (c) FT = 1.5FT (d) FT = 2.0FT
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Figure 5.13: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for Fischer-Tropsch synthesis with phase change material
for varying reaction rates at t = 7200s, Tin,cool = 230
oC, σ = 0.6 and Rt = 0.023m: (a)
FT = FT (b) FT = 1.2FT (c) FT = 1.5FT (d) FT = 2.0FT
curves fall behind the non-modulated curves because of the temperature rise restriction
imposed by the presence of the phase change material.
When the Fischer Tropsch synthesis reaction rate is increased by a factor of 100% i.e.
from FT = 1.0 to FT = 2.0 without considering the phase change material, the
conversion per pass values of the respective reactants changed as follows: XCO increased
from 33% to 42% and XH2 increased from 32% to 44%. In the case of phase change
material, for the same two-fold increase or 100% step change in Fischer-Tropsch reaction
rate, the conversion per pass values changed as follows: XCO increased from 24% to 38%
and XH2 increased from 26% to 39%. These values show that there is no significant
departure from the two sets of figures for the two scenarios. The productivity of C5+ for
the two fold increase in the reaction rate (i.e. FT = 2.0) without and with the phase
change material modulation are respectively 0.54mol h−1 and 0.48mol h−1 up 31.5% and
29% respectively from the corresponding values at FT = 1.0; again, this shows that
the benefit of the promoted catalyst is not significantly retarded by the presence of the
phase change material.
The productivity of CH4 (Figure 5.11d) in the case of no phase change material (solid
lines) generally increases, although without as much distinction between the step change
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values of the reaction rate (FT) as in the case of the productivity of C5+. All the pro-
ductivity curves also seem to converge at a particular value of 0.1mol h−1 at the exit
point of the reactor, i.e. at reactor coordinate 12m. This blurring distinction between
productivity curves for the various reaction rate values becomes even more pronounced
in the case of the phase change material modulated process and the curves converge at
reactor coordinates value of 10m. The emerging productivity curves for the higher reac-
tion rates, FT ∈ {1.2, 1.5, 2.0} actually fall slightly below the FT = 1.0 curve. In both
scenarios, this observed behaviour is due to the increased catalyst selectivity towards
the heavier hydrocarbons C5+, to the disadvantage of the methane synthesis process.
It may be imagined that the catalyst has been better conditioned for the production of
heavier, long chain hydrocarbons with less affinity for short chain molecules. In the case
of the reaction with phase change material influence, the temperature in the reactor is
lower than would have been the case without phase change material being present. The
higher reaction rate productivity curves rise faster than their lower counterparts owing
to the catalyst promotion, however, a combination of quick reactivity and limited tem-
perature rise in the reactor results in the reaction approaching extinction faster. This
phenomenon occurs to different degrees for all the FT productivity curves and explains
why all the reaction rate scenarios seem to converge at a point. The lower reaction
rate productivity curves however emerge from the convergence point slightly (but not
significantly) higher than their higher reaction rate counterparts because a combination
of moderate temperature and moderate reactivity seems to deplete less reactants.
5.5.2 Effect on temperature profile in the reactor
Figures 5.12a-d and 5.13a-d respectively depict the axial and radial temperature profiles
in the reactor at different FT for the without and with phase change material scenarios
at reaction time of 7200s, σ = 0.6 and Tin, cool = 230
oC. As expected, as the rate of the
reaction is increased through catalyst promotion, there is an increase in the amplitude of
the hotspot in the reactor; for example, Tmax ≈ 260oC at FT = 1.0 and Tmax ≈ 290oC at
FT = 2.0. As in previous cases, at the reactor entrance, a radial temperature gradient
with a maximum at the centre was observed in all cases. In addition, the bulk of the
reaction occurs near the reactor inlet when there is no phase change material present in
the reactor.
In Figure 5.13, where the effect of the phase change material is brought to bear on the
reactor, the axial and radial temperature profiles are generally flatter (showing a more
even distribution) in comparison to the base case in Figure 5.12. The maximum tem-
perature at FT = 2.0 is about 260oC in Figure 5.13d compared to about 290oC for the
same reaction condition without phase change material as in Figure 5.12. An interesting
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observation that may be elicited from this arrangement is that the productivity of C5+
may be increased from 0.33mol h−1 to 0.46mol h−1, about a 39% increase, using a pro-
moted catalyst (FT = 2.0)under the influence of phase change material, but without
the penalty of excessive temperature spikes in the reactor.
It can be expected that further promoting the catalyst with a fixed amount of phase
change material will prove ineffective as the phase change material will be overwhelmed,
resulting in large temperature gradients in the reactor.
5.6 Effect of varying internal radius of reactor tube
5.6.1 Effect on reactant conversion and representative hydrocarbon
productivity
Heat removal from the Fischer-Tropsch process is critical in order to maintain near
isothermal conditions inside the reactor tube. The heat is removed from the catalyst
surface to the tube walls where the heat is absorbed by the cooling fluid. Typically,
small tube radii are recommended in literature in order to ensure the ease of removal
of heat from the reaction system [9, 18, 28]. The effect of the reactor tube radius on
the reactant conversion and on the productivity of the representative hydrocarbons is
studied in this section.
Figure 5.14a-d depicts the reactant conversion and hydrocarbon productivity for differ-
ent tube radii without and with phase change material, after 7200s of reaction time,
Tin, cool = 230
oC and σ = 0.6. The phase change modulated conversion and productivity
curves lag behind their counterparts without any phase change influence, because of the
thermal inertia introduced into the system by the phase change material.
As the tube radius, Rt was increased from 0.013m to 0.033m, the conversion of the
reactants changed as follows: XCO increased from 30% to 58% without phase change
material (and increased from 24% to 31% for the same step change in reactor tube
radius, with phase change material). In the case of hydrogen, XH2 increased from 29%
to 42% as the reactor radius was increased from 0.013m to 0.033m without phase change
material (and increased from 24% to 29% for the same step change in reactor tube radius
under the influence of phase change material).
In Figure 5.14c, the productivity of C5+ increases with increasing reactor tube radius,
both with and without phase change material. The increase in C5+ productivity is
however dwarfed by the sharp rise in the productivity of CH4 by as much as 96% for an
increase in the tube radius from 0.013m to 0.033m without phase change material (and
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Figure 5.14: Reactant conversion and representative hydrocarbon productivity
profiles for Fischer-Tropsch synthesis with and without phase change material for
varying reactor tube internal radii at: t = 7200s, Tin,cool = 230
oC and σ = 0.6
0
0.005
0.01
0 2 4 6 8 10 12
230
232
234
236
238
240
Radius / m
(a)
Length / m
Te
m
pe
ra
tu
re
 / 
o C
0
0.01
0.02
0 2 4 6 8 10 12
230
240
250
260
Radius / m
(b)
Length / m
Te
m
pe
ra
tu
re
 / 
o C
0
0.01
0.02
0.03
0 2 4 6 8 10 12
230
240
250
260
270
280
Radius / m
(c)
Length / m
Te
m
pe
ra
tu
re
 / 
o C
0
0.01
0.02
0.03
0 2 4 6 8 10 12
230
250
270
290
310
330
Radius / m
(d)
Length / m
Te
m
pe
ra
tu
re
 / 
o C
Figure 5.15: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for Fischer-Tropsch synthesis without phase change
material for varying reactor tube internal radii at t = 7200s, Tin,cool = 230
oC and
σ = 1.0: (a) Rt = 0.013m (b) Rt = 0.023m (c) Rt = 0.028m (d) Rt = 0.033m
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Figure 5.16: Axial and radial temperature profiles along the reactor using 2D
quasi-homogeneous model for Fischer-Tropsch synthesis with phase change material
for varying reactor tube internal radii at t = 7200s, Tin,cool = 230
oC and σ = 0.6: (a)
Rt = 0.013m (b) Rt = 0.023m (c) Rt = 0.028m (d) Rt = 0.033m
90% without phase change material over the same step change in tube radius). As will
be pointed out in subsection 5.6.2, this sharp increase in the methanation process with
increasing tube radius can be attributed to the accumulation of heat in the reactor tube,
which in turn raises the temperature in the tube. The heat accumulates within the tube
with a larger radius because the heat transport resistance (i.e. the distance between
the catalyst surface and the heat exchange walls) has been significantly increased, thus
making heat removal from the reaction system increasingly difficult.
5.6.2 Effect on temperature profile in the reactor
Figures 5.15a-d and 5.16a-d show the axial and radial temperature profiles in the reactor
without and with phase change material respectively for different tube radii. In Figure
5.15a-d, the amplitude of the axial hotspot temperature increases with increasing tube
radius, and there is a simultaneous migration of the hotspot position away from the
reactor entrance towards the centre of the reactor; thus increasing the exit temperature
from the reactor. For the same Tin, cool = 230
oC, the hotspot temperature and position
are translated from the temperature-position (Tmax, z) coordinates of (239.6
oC, 1.5m)
for tube radius 0.013m to (324oC, 4m) for tube radius of 0.033m. The phase change
material does not have any significant effect on restricting the migration of the hotspot
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temperature, but reduces the severity in the rise of the temperature in the reactor as
seen in Figure 5.16a-d. The temperature-position (Tmax, z) coordinates of the hotspot
from Figure 5.16 are (236oC, 1.5m) at Rt = 0.013m and (270
oC, 4m) at Rt = 0.033m.
As referred to earlier, a larger tube radius implies that the distance between the catalyst
pellets at the centre of the reactor and the heat exchange tube walls is significantly in-
creased. This increased distance increases the resistance to heat transport in the reactor,
thus making heat removal from the system more difficult. Since heat cannot be removed
quickly enough, it accumulates in the reactor, this accumulated heat has an undesir-
able feed-back loop effect, wherein it drives up the temperature within the reactor, thus
accelerating the reaction kinetics exponentially, further driving up the reactor temper-
ature, etc. and possibly leading to a thermal excursion and an uncontrollable reactor.
This state of conditions within the reactor creates the ideal recipe for the inordinate
production of methane, as recorded in Figure 5.14d, and signals thermal runaway.
An increase in the tube radius, Rt implies a larger throughput of products through the
reactor, as evidenced by Figure 5.14c-d. A step change in Rt from 0.013m to 0.033m
may be considered, where both tubes have constant cross sectional areas (based on
their respective Rt values). If the same entry conditions of temperature and pressure
are maintained for each tube scenario, then, the only physical quantity which adjusts
in order to compensate for the tube with a larger Rt, such that it delivers a larger
throughput commensurate with its cross sectional area, is the superficial velocity of
the entry fluid. It is this increased superficial velocity which pushes the reaction fluids
further into the reactor, causing the development of a hotspot nearer the middle of the
reactor (as this is where any significant reaction first occurs), and prevents any reaction
at the entrance. This action of pushing the reactant fluids far into the reactor on entry
means that the cooling provided to the first half of the tube is not utilised in any heat
removal, resulting in the temperature runaway occurring towards the rear of the reactor,
thus leading to the elevation of the hotspot temperature as seen in Figure 5.15d. It is
thus clear from the results of this section that increasing the tube radius is not favourable
for rapid heat removal from the Fischer-Tropsch synthesis carried out in a multi-tubular
fixed bed reactor.
5.6.3 Summary
In summary, this chapter has compared the effect of varying process conditions and de-
sign parameters in the Fischer-Tropsch reaction without and with the influence of phase
change material, using the rigorous 2D quasi-homogeneous reactor model platform. In
Chapter 5. Homogeneously Distributed PCM in FTS Reactor 123
particular, these varied scenarios have been analysed in the light of the reactor perfor-
mance, i.e. productivity and conversion, as well as the implications for temperature
control. The next chapter will look at developing a less computationally cumbersome,
yet sufficiently accurate reactor model platform, which lays the groundwork ready for
subsequent phase change material regulated reactor optimisation challenges to be ad-
dressed in chapter 7.
Chapter 6
Improved One Dimensional
Model for The Fixed Bed Fischer
Tropsch Reactor: A modified
α-model
“The simplification of anything is
always sensational.”
G.K. Chesterton, (1874-1936).
In chapter 5, a rigorous 2-dimensional model was used in simulating the Fischer-Tropsch
fixed bed reactor. Two-dimensional models of this nature are often useful for detailed
reactor design because of the high level of accuracy which they provide. In situations
where the computational efforts are required to be small such as in the development of
control laws for the reaction process control, reactor dynamics flow-sheeting and optimi-
sation of a reactor design [114, 189], two dimensional models become computationally
cumbersome and unwieldy; it therefore becomes necessary to have a simplified model
which trades off as little accuracy as possible for computational convenience.
One dimensional models, such as the conventional one-dimensional pseudo-homogeneous
model, come in handy in such situations where less computational expense is desired.
They are however largely unreliable because of their underlying assumptions which com-
pletely neglect temperature gradients in the radial direction. Some work has been done
in the area of improving one dimensional models in order that they might better ap-
proximate two dimensional models. Irrespective of what modifications are made to one
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dimensional models to improve their accuracy, the cardinal prerequisite for their adop-
tion is that their ability to approximate the radial temperature gradient must be superior
to that of the conventional or standard one-dimensional model where radial gradients
are done away with entirely.
There are in the main, three types of one dimensional models available in open literature
based on the quasi-homogeneous reactor model assumption, namely: the conventional
one dimensional quasi/pseudo-homogeneous model [114], the α-model derived using the
Karman-Pohlhausen procedure by Hagan et al [161] and the δ-model based on the Frank-
Kamanetskii approximation by Koning et al [143, 190]. Koning et al [143, 190] have
carried out a thorough model comparison between the three models for exothermic
reactions against the 2D-quasi-homogeneous model. They concluded in their work that
where reactors are operated at close to thermal runaway conditions, the α-model best
approximates the 2D quasi-homogeneous model. Exothermic commercial packed bed
reactors like the Fischer-Tropsch synthesis, are often operated near thermal runaway
conditions in order to deliver economically worthwhile conversions [126]. On this basis,
the α-model of Hagan et al [161, 191, 192] has been adopted in this chapter for simulating
the reactor in place of the more rigorous 2D model.
The outline for this chapter is as follows: section 6.1 will briefly review the conventional
one dimensional quasi-homogeneous and the α-models and their underlying assumptions
vis-a`-vis the 2D quasi-homogeneous model. Section 6.2 compares the reactor perfor-
mance simulated using three reactor models namely, the 2D quasi-homogeneous model,
the α-model and the 1D quasi-homogeneous model in the context of the Fischer-Tropsch
synthesis. Section 6.3 presents the modification of the enthalpy balance of the α-model
in order to take into account the heat sink effect of the phase change material. Section
6.4 shows results obtained using the modified α-model (with and without phase change
material) to investigate reactor response to fluctuations in the feed gas molar ratio.
6.1 Review of approximate one dimensional reactor mod-
els
This section looks at the conventional quasi-homogeneous one dimensional model and
the α-model and their underlying assumptions. The one dimensional heterogeneous
model has not been considered here in order to ensure a common basis of comparison,
i.e. maintaining the “quasi-homogeneous theme”. Both of the outlined models will be
discussed succinctly and it is pertinent to state that as far as this chapter is concerned,
the benchmark for the accuracy of the one dimensional models considered will be the
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two dimensional quasi-homogeneous model, which has already been discussed at length
in chapters 3 to 5.
6.1.1 One dimensional quasi-homogeneous model
It will be recalled from section 3.3 of chapter 3 that the 2D quasi-homogeneous material
and enthalpy balances (without axial dispersion) for a chemical species j in the set of
reactions i ∈ {1, 2, ...N} are as follows respectively:
−∂cj
∂t
+ Deff, r
(
∂2cj
∂r2
+
1
r
∂cj
∂r
)
− ∂(us cj)
∂z
−
N∑
i=1
νi,j i,j(c, T ) = 0 (6.1)
−ρfCp∂T
∂t
+ κeff, r
(
∂2T
∂r2
+
1
r
∂T
∂r
)
− ρfusCp∂T
∂z
+
N∑
i=1
νi,j i,j(c, T ) (−ΔHr, i +ΔHpcm) = 0
(6.2)
Pivotal to the conventional 1D model is the assumption that the average reaction rate
over a cross section of the reactor is the same as the reaction rate at some average
temperature over the same cross section [143, 190]:
(T ) ≈ (T ) (6.3)
The one dimensional quasi-homogeneous material and enthalpy balances with neither
axial dispersion nor axial conduction for a fixed bed reactor are as follows [114]

∂cj
∂t
= −uz∂cj
∂z
−
N∑
i=1
νi,j i(c, T ) (6.4)
 ρf Cp, f
∂T
∂t
= −uz ρf Cp, f ∂T
∂z
− 2Uwall
Rt
(T − Tin, cool)−
N∑
i=1
νi,j i (c, T )ΔHr, i (6.5)
where cj is the average concentration of species j, c is the vector of the average con-
centrations of reactants and products, T is the average temperature and νi,j is the
stoichiometric coefficient of chemical species j in any reaction i. The overall heat trans-
fer coefficient, Uwall, resulting from the heat transfer resistance inside the catalyst bed
and that at the wall may be estimated from the correlation of Dixon [193]:
1
Uwall
=
1
hwall
+
Rt
3κeff, r
Bi+ 3
Bi+ 4
(6.6)
and the Biot number (Bi) is given by:
Bi =
hwallRt
κeff, r
(6.7)
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6.1.2 The α-Model
The exhaustive derivation of the α-model using the Karman-Pohlhausen procedure can
be found in the works of Hagan et al [161, 191, 192]. Hagan et al [161, 191, 192] modified
the conventional 1D quasi-homogeneous model and transformed it into the new α-model
which accounted for the radial temperature profile by correcting for the effective heat
transfer coefficient. The α-model was derived using an approximate solution of the
radial temperature profile and a reaction rate approximated by a truncated, second
order Taylor’s expansion series of the reaction Arrhenius temperature term:
(c, T ) = k0cn exp
(
Eact
RgT
)
≈ k0cn exp
(
A(T − T ) +B(T − T ))2 (6.8)
where k0 is the pre-exponential factor, n is the order of the reaction, and A and B are
Taylor expansion coefficients. According to Hagan et al [161], the convective terms may
be neglected far from the inlet, where the axial concentration and temperature gradients
are small. Convective heat transport is particularly insignificant at the hotspot of the
reactor, where the enthalpy balance is most sensitive, and this makes the α-model well
suited to the description of the radial temperature profile at that position in the reactor
[143, 190]. The α-model also distinguishes between heat transport average temperature,
T and a reaction average temperature, T, such that:
(T) = (T ) (6.9)
In making this distinction, the α-model is again distinguished from the conventional
1D quasi-homogeneous model which, completely neglects the radial temperature profile.
The α-model computes the reaction averaged temperature, T by applying the integral
average value theorem to the heat transport average temperature, T , over the radial
length of the reactor tube (Rt), such that:
f(T(z, t)) =
1
Rt − 0
∫ Rt
0
f(T (z, r, t)).2r dr (6.10)
For a reaction which follows the Arrhenius temperature dependency, such as the Fischer-
Tropsch synthesis, the functions of temperature in equation (6.10) may be replaced with
the Arrhenius number to give:
exp
(
− Eact
RgT(z, t)
)
≡ 2
Rt
∫ Rt
0
exp
(
− Eact
RgT (z, r, t)
)
r dr (6.11)
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The reaction average temperature is used in the material and enthalpy balances which
are given respectively by:

∂cj
∂t
= −uz∂cj
∂z
−
N∑
i=1
νi,j i(c(z, t), T(z, t)) (6.12)
ρf Cp, f
∂T(z, t)
∂t
+ uz ρf Cp,f
∂T(z, t)
∂z
= −8ακeff, r
AR2t
+
N∑
i=1
νi,j iΔHr, i (6.13)
where α is a dimensionless heat loss parameter which is determined from the implicit
expression:
A(T(z, t)− Tin, cool) = 4α
Bi
− loge(1− α) +
1
3
(
B
A2
)
log2e(1− α) (6.14)
6.1.3 Numerical Implementation of the α-model
The material and energy balances and all other differential and non-linear algebraic
equations were implemented and solved using the finite element package, COMSOL
Multi-physics 4.4 [21]. The balances were space-discretised by the backward finite dif-
ferential (BFD) method. The discretisation of the system of partial differential equations
entailed converting them to a system of ordinary differential equations which, are in turn
solved by the software. The α-model required the implicit solution of α at each discreti-
sation point, zn along the axial length of the reactor, z; one iterative Newton step was
found to be sufficient for updating α based on its previous value. The phase transition
of the phase change material also had to be solved at each discretised node. The sudden
“jump” in the physical properties of the phase change material during phase transition
often results in numerical discontinuities and non-convergence of the solver. This was
avoided through the use of the in-built smoothed Heaviside function with continuous
second order derivative; this facility allows for a seamless transition from one set of
phase properties to the other e.g. solid to liquid.
The mesh and convergence tests conform with the methods described in chapter 4 and
will not be repeated here.
6.2 Reactor model comparison
This section compares the prediction of the reactor performance using the 2D quasi-
homogeneous model, α-model and the conventional 1D quasi-homogeneous models. Re-
actor models are usually compared using bifurcation diagrams as shown in Figure 6.1.
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Before discussing this figure in detail, a brief background to reactor thermal run away
will be provided.
6.2.1 Thermal runaway in a fixed bed reactor
Thermal runaway in a chemical system refers to a situation where a reaction generates
heat faster than it can be rejected. This has the effect of raising the temperature of the
reacting system further, leading to favourable conditions for undesired side reactions
(e.g. the inordinate production of methane gas and the coking of reaction fluids in the
case of the Fischer-Tropsch synthesis [13]) taking place to the detriment of the princi-
pal reaction, reactor uncontrollability and ultimately temperature excursions [17, 161].
Paradoxically, in order to deliver commercially useful conversions, strongly exothermic,
non-isothermal reactions are usually operated at close to thermal runaway conditions in
industrial fixed bed reactors [126]. This implies that the hotspot temperature lies very
close to the unstable region, such that a slight perturbation of the process conditions
could quite easily result in an exponential increase in temperature within the reactor.
According to the works of Hagan et al [161, 192], thermal runaway may be avoided if
the following relationship holds true:
Θad =
ΔT
ΔTad
=
T − Tin, cool(
(−ΔHr,i)× cj, in
ρf Cp,f
) ≡ tdif
trxn
<< 1.0 (6.15)
where, ΔTad is the adiabatic temperature rise, cj, in is the inlet concentration of the
of a chemical species j, ρf is the density of the inlet reaction mixture, tdif is the time
scale on which heat escapes from the reactor by diffusing radially to the cooled reactor
walls and trxn is the time scale on which the reaction occurs. A corollary of equation
(6.15) is: if the reaction time scale is held relatively constant at near thermal runaway
conditions, while the heat removal capability is enhanced such that the temperature
difference (T −Tin, cool) is kept to a minimum, then as time approaches infinity and both
reactants and reaction heat wane, the ratio of the two time scales necessarily remains a
fraction less than 1.0. The physical interpretation of this is that the reactor stays within
a “safe” or “stable” zone and avoids thermal runaway.
Generally, phase change materials melt under near-isothermal conditions owing to their
latent enthalpy of fusion. The amount of heat which they can absorb without significant
temperature change at the critical point is larger (because of the latent enthalpy of
fusion) relative to that at the sensible heat capacity, hence they could potentially serve
as good candidates for catalyst dilution in exothermic reactions. If properly selected
and engineered, the phase change materials melts when required and provides a thermal
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“buffer” effect within the reacting system by delaying any significant temperature rise
thereby keeping the temperature difference (T − Tin, cool) in the reactor to a minimum
as required by equation (6.15).
6.2.2 Comparison of one dimensional reactor models
Figure 6.1 is a bifurcation diagram showing Θad, reactor temperature normalised using
the adiabatic temperature rise, as expressed in equation 6.15, as a function of 0, the
dimensionless reaction rate at inlet conditions for the 2D quasi-homogeneous, 1D quasi-
homogeneous and α-models. The dimensionless reaction rate at inlet conditions is given
by:
0 = Peh, r Rt
us cj, in
i (6.16)
In the main, there is very good agreement between the bifurcation curves of the 2D model
and the α-model and less so between the conventional 1D model and the 2D model. The
critical temperatures (i.e. temperatures at the hotspot) of the 2D and α-models, which
occur at the respective turning points of the curves, coincide, i.e. (Θcrad, 2D ≈ Θcrad, α ≈
0.0213), while the critical normalised temperature of the 1D model, Θcrad, 1D occurs at
about 0.0148. For each of the three curves, there are two corresponding solutions of
Θad for each dimensionless reaction rate at inlet conditions (0), except at the turning
points/critical points of the curves. These solutions are categorised into “stable” and
“unstable” solutions as depicted in Figure 6.1. The lower lines, below the critical points
of the individual curves represent the stable regime. The physical meaning of this is
that
after a temperature perturbation of the reaction system, e.g. a rapid temperature rise
due to reaction or increase in the coolant temperature, the system returns to its original
state once the cause of the perturbation is removed. This region is characterised by the
fact that the heat removal rate increases faster than the heat generation rate.
The upper line and the region above it for the respective curves, in Figure 6.1 depict
the unstable solutions. In this regime, the rate of heat generation overwhelms the
heat removal process, thus causing the continued increase in the system’s temperature.
Mathematically, this situation corresponds to a slope with an infinite value on a plot of
temperature against the axial length and physically translates to “runaway”. Below this
upper line, within the envelopes created by the curves, heat removal still prevails and
the system is still able to transition to stable solutions after any momentary disturbance
to the system is removed. This is depicted by the arrows (a) and (b) in Figure 6.1.
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Figure 6.1: Comparison of one dimensional models with the numerical solution of
the two-dimensional model for the Fischer-Tropsch reaction.
Figure 6.2a compares the plots of the reactor temperature against the normalised bed
length using the 2D quasi-homogeneous, α and 1D quasi-homogeneous reactor models.
The 2D-quasi-homogeneous model which, in this work, is considered to be the base case
has been benchmarked against the work of Jess and Kern [5] for an Fe-catalysed reaction
with inlet/coolant temperature of 230oC. It is pertinent to note that although Hagan
et al [161] derived and applied their α-model under steady state conditions, this work
has extended its use to transient conditions and as may be seen in Figure 6.2a, the
agreement between the α and 2D pseudo-homogeneous models is within 4% error.
This shows that the α-model can be extended to space-time models with minimal errors.
The standard 1D model is in good agreement with the 2D pseudo-homogeneous model
at the beginning and towards the end of the reactor temperature profile. It performs
poorly in the estimation of the hotspot temperature however, under-predicting by about
10oC. In general, Figure 6.2a shows that the α-model accurately predicts the hotspot,
where the reactor’s enthalpy balance is generally at its most sensitive.
The accuracy of the α-model is better illustrated in Figure 6.2b which shows the loci of
maximum temperatures in the reactor as a function of different values of the catalyst
activity for the three reactor models in question. The catalyst activity was varied by
multiplying the reaction rate by increasing constant factors. Then for each factor, the
2D-pseudo-homogeneous, α-, and standard 1D models were solved. The maximum tem-
peratures for each simulation and each model were subsequently located and plotted.
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Figure 6.2: Comparison of 2D quasi-homogeneous, α- and standard 1D
quasi-homogeneous reactor models for Tin, cool=230
oC: (a) Reactor temperature
profiles (b) Reactor maximum temperatures (c) Dimensionless heat transfer versus
the dimensionless temperature rise (d) Dimensionless heat transfer coefficient versus
the dimensionless temperature rise
As presented in Figure 6.2b, the α-model predicts the 2D pseudo-homogeneous reactor
hotspot temperatures within 1.0% error. Remarkably, it does so consistently in spite of
the progressive increase in the reactor’s sensitivity and exponential rise in the ampli-
tude of the hotspot, due to increasing catalyst activity. The standard 1D model on the
other hand significantly departs from the base case model with increasing catalyst ac-
tivity and by extension, increasing reaction temperature. It over-predicts the reactor’s
performance by consistently under predicting the maximum temperature in the reac-
tor. In other words, a 1D design model will incorrectly suggest that the feed/coolant
temperature could be increased, presumably to drive conversion to much higher values,
without suffering thermal runaway. For example, at an intrinsic activity value of 0.07 in
Figure 6.2b, the standard 1D model predicts a maximum temperature of about 243oC
compared with 257oC predicted by the α-model.
Figures. 6.2c and 6.2d respectively show the dimensionless heat transfer and dimension-
less overall heat transfer coefficient against the dimensionless temperature rise for both
the standard 1D and α-models. Where the dimensionless heat transfer parameter α(Θ)
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is implicitly defined as:
Θ =
4α(Θ)
Bi
− loge(1− α(Θ))−
RgT(z, t)
3Eact
log2e(1− α(Θ)) (6.17)
The dimensionless temperature rise is given by:
Θ =
Eact(T(z, t)− Tin, cool)
Rg(T(z, t))2
(6.18)
Matching equation (6.5) with (6.13) shows that the equivalence relationship between
the overall heat removal through the reactor walls in the standard 1D model and the
α-model is given by:
2Uwall(T (z, t)− Tin, cool) ≡ 8ακeff, r
AR2t
(6.19)
The heat removal term,
8ακeff, r
AR2t
in equation (6.13)is what stands the α-model apart from
the standard 1D pseudo-homogeneous model (equation 6.5). The overall heat transfer
coefficient, Uwall in the standard 1D model, is a constant averaged value which, does not
change over the reactor axial length, whereas the overall heat transfer coefficient in the
α-model is a decreasing function of the radial temperature rise (T (z, t) − Tin, cool) (see
Figures 6.2c-d). This decrease is as a result of the heat generation becoming progressively
accentuated at the reactor axis, away from the walls, as the reactor approaches runaway
conditions.
6.2.3 Effect of varying Biot number
Figures 6.3a-c shows the normalised temperature Θad plotted against the normalised bed
length ξ for the 2D, 1D-quasi-homogeneous and the α-model at different Biot numbers.
The dimensionless axes are defined as follows:
Θad =
T − Tin, cool
ΔTad
(6.20)
ξ =
axial coordinates
reactor length
=
z
L
(6.21)
The Biot number (Bi) is a dimensionless ratio of the conductive heat transport resistance
within a solid body, to the convective heat transport resistance at the interface between
the solid body and the fluid in which it is immersed[194]. Typically, as the Biot number
rises above 0.1, the temperature distribution within the body in question becomes less
uniform. In Figure 6.3a-c, three values of Bi, i.e. Bi ∈ {3.0, 5.0, 10.0} are explored
using the three reactor models under consideration. As expected, increasing the Biot
number results in the exacerbation of the dimensionless hotspot temperature in all cases
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of the reactor models used. For example, in the case of the 2D quasi-homogeneous model:
Θad ≈ 0.0147 at Bi = 3.0, Θad ≈ 0.021 at Bi = 5.0 and Θad ≈ 0.046 at Bi = 10.0.
The reason for this is that radial diffusion of heat across the reactor radius becomes
increasingly difficult with rising Biot number and thus becomes the rate determining step
for the heat transport process, compared to the convective heat transport resistance at
the tube wall. Physical interpretations of increasing the Biot number include: increasing
the tube radius, drop in the coolant flow rate, increasing the coolant temperature or
fluctuations in feed temperature.
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Figure 6.3: A comparison of the adiabatic temperature normalised reactor
temperature as a function of normalised bed length of the one-dimensional models
with the numerical solution of the 2D quasi-homogeneous model, for different Biot
numbers: (a) Bi = 3.0 (b) Bi = 5.0 (c) Bi = 10.0
In all three cases, the α-model approximates the 2D quasi-homogeneous remarkably well
with increasing Bi. The normalised hotspot temperature in particular is predicted to
within 1% error. The conventional one dimensional quasi-homogeneous model is however
less accurate, particularly in the prediction of the hotspot temperature of the reactor.
This is due to the underlying assumption of the 1D model, which completely ignores any
radial diffusion of heat across the tube radius. The effect of this radial diffusive heat
transfer (i.e. radial heat conduction) becomes more pronounced as the Biot number
increases. It may be observed from Figure 6.3 that the 1D model is most accurate at the
lowest Biot number in Figure 6.3a. Figure 6.4a-c shows the fractional conversion of the
limiting reactant, CO over the bed length using the three reactor models at different Biot
numbers. As in the case of the temperature profiles, the α-model better approximates
the 2D model compared to the conventional 1D model. The α-model, however slightly
over-predicts the fractional conversion, while the 1D model consistently under-predicts.
The conversion increases with increasing Bi values for all three reactor models. This is
because the higher temperature within the reactor (with increasing Biot number) drives
up conversion.
The last part of this subsection considers the dimensionless heat transfer parameter
α(Θ). In Figure 6.5a, α(Θ) traces out a similar profile to the dimensionless temperature,
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Figure 6.4: A comparison of the fractional conversion of CO as a function of
normalised bed length of the one-dimensional models with the numerical solution of
the 2D quasi-homogeneous model, for different Biot numbers: (a) Bi = 3.0 (b)
Bi = 5.0 (c) Bi = 10.0
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Figure 6.5: Effect of varying Biot number on the dimensionless heat loss parameter,
α: (a) Variation of the dimensionless heat loss parameter, α(Θ) as a function of the
normalised bed length for different Biot number values (b) Maximum dimensionless
heat loss parameter values, αmax(Θ) as a function of varying Biot number
Θ over the normalised bed length. This is hardly surprising as α is a function of Θ. As
Bi increases, Θ also increases, as such the maximum value of α(Θ) increases. Figure
6.5b shows the maximum value of the dimensionless heat transfer parameter (αmax(Θ)).
The values of αmax(Θ) correspond to the amplitude values of the α(Θ)-curves in Figure
6.5a. In their analyses, Hagan et al[161] noted that a reactor enters runaway domain
whenever α(Θ) ≥ 0.5, which occurs at about Bi ≥ 8.8 in Figure 6.5b.
6.3 The modified α-model
This section attempts to incorporate the heat sink effect of the phase change material
into the enthalpy balance of the α-model (equation 6.13) in the context of the Fischer-
Tropsch synthesis, starting from the enthalpy balance of the 2D quasi-homogeneous
model (equation 6.2). The intended end result of this is to provide a modified α-model
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which can be used to predict reactor performance, etc. for a catalyst bed diluted with
phase change material.
From the general asymptotic analysis of Hagan et al [161], it was shown that radial
diffusion of mass occurs much more rapidly than reaction (i.e. tdif > trxn), therefore, the
radial concentration gradient may be assumed to be negligible such that the concentra-
tion in the radial direction is a constant i.e.
cj(z, r, t) ≡ cj(z, t) (6.22)
The radial temperature gradient is however much more significant than its concentration
counterpart. This is especially true when the heat generation term is not balanced by
the radial diffusion of heat, during which the reactor temperature change undergoes a
sharp transition which may lead to runaway.
From the foregoing explanation, assuming there is radial concentration symmetry and
negligible radial concentration gradient for any component j within the reactor tube, so
that
∂cj
∂r
= 0, then the high rate of heat rejection at the reactor walls can be accounted
for using an approximate radial temperature distribution profile. The total heat released
(Qrel), i.e. the last term on the RHS in equation 6.2, in a reactor with multiple reactions
as in the case of the Fischer-Tropsch synthesis, may be represented as:
Qrel(c(z, t), T (z, r, t)) = −
N∑
i=1
νi,j i(c(z, t), T (z, r, t))ΔHr, i (6.23)
By performing a Taylor’s series expansion and truncating the same at the second order
term around some reaction average temperature, T the heat released may be approxi-
mated by:
Qrel(c(z, t), T (z, r, t)) =−
N∑
i=1
νi,j i(c(z, t), T (z, r, t))ΔHr,i × exp[A(T (z, r, t)− T(z, t))
+B(T (z, r, t)− T(z, t))2]
(6.24)
The two Taylor expansion coefficients, A and B, are defined as follows:
A =
∂ logeQrel
∂T (z, r, t)
∣∣∣∣
T (z,r,t)=T(z,t)
and B =
1
2
∂2 logeQrel
∂T ((z, r, t))2
∣∣∣∣
T (z,r,t)=T(z,t)
(6.25)
The reaction average temperature, T(z, t) for a reaction which follows Arrhenius kinet-
ics is given by the expression:
exp
(
− Eact
RgT(z, t)
)
≡ 2
Rt
∫ Rt
0
exp
(
− Eact
RgT (z, r, t)
)
r dr (6.26)
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And satisfies the equation:
Qrel(c(z, t), T(z, t)) =
2
Rt
∫ Rt
0
Qrel(c(z, t), T (z, r, t))r dr (6.27)
where Rt is the internal radius of the tube. Substituting the Arrhenius temperature term
with a first order Taylor’s series expansion, and assuming that the reactor walls are kept
at some constant temperature, Tin, cool, by the cooling fluid, then an approximated two-
dimensional temperature profile may be obtained by solving the following differential
equation
1
r
∂
∂r
(
r
∂T (z, r, t)
∂r
)
+
1
κeff, r
Qrel(c(z, t), T(z, t)× exp(A(T (z, r, t))− T(z, t))) = 0
(6.28)
with its attendant initial and boundary conditions at time t ≥ 0:
dT (z, r, t)
dr
∣∣∣∣
r=0
= 0 and
dT (z, r, t)
dr
∣∣∣∣
r=Rt
= −Bi× (T (z, r, t)− Tin, cool) (6.29)
and the Biot number, Bi is given by:
Bi =
hwallRt
κeff,r
(6.30)
The exact solution of equations (6.28) and (6.29) is given by equation (6.31), where α
is a dimensionless heat loss parameter [195]:
T (z, r, t) = Tin, cool +
1
A
(
4α
Bi
− 2 loge
(
1− α+ α r
2
R2t
))
(6.31)
Substituting the Taylor’s expansion in equation (6.24) into equation (6.27) yields:
2
Rt
∫ Rt
0
exp
(
− Eact
RgT (z, r, t)
)
r dr = 1 (6.32)
Substituting the temperature profile, equation (6.31) into equation (6.32) and integrating
the resultant expression over r, the following equation which implicitly defines α along
the reactor axial dimension is obtained:
A× (T(z, t)− Tin, cool) = 4α
Bi
− loge(1− α) +
1
3
(
B
A2
)
log2e(1− α) (6.33)
The temperature T may be replaced by the average temperature, T , the concentration
term, c by the vector of concentrations c, while the ΔHpcm term in the enthalpy balance
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of the 2D quasi-homogeneous model (equation 6.2) may be expanded as follows:
− ρfCp∂T (z, r, t)
∂t
+ κeff, r
(
∂2T (z, r, t)
∂r2
+
1
r
∂T (z, r, t)
∂r
)
− ρfusCp∂T (z, r, t)
∂z
+
N∑
i=1
νi,j i,j(c, T (z, r, t))×
(
−ΔHr, i + (1− σ)
∫ t
0
(mpcmCp, pcm(T (z, r, t)))dT (z, r, t)
)
= 0
(6.34)
where σ is the catalyst activity coefficient, which turns on/off and moderates the effect
of the phase change material at any fractional value lying within the region described by:
0 < (1 − σ) ≤ 1 and the integral term
∫ t
0
(mpcmCp, pcm(T (z, r, t)))dT (z, r, t) represents
the heat absorbed by the phase change material over time. The temperature explicit
heat capacity of the phase change material is as defined in equation (3.62) in chapter 3.
By putting equation (6.31) into equation (6.34), and applying the radial averaged heat
release in equation (6.26), the two dimensional equation reduces to a one dimensional
transient enthalpy balance:
ρf Cp,f
∂T(z, t)
∂t
+ uz ρf Cp,f
∂T(z, t)
∂z
=− 8ακeff, r
AR2t
−
N∑
i=1
νi,j i,j(c(z, t), T(z, t))
× (ΔHr,i + (1− σ)ΔHpcm)
(6.35)
The Fischer-Tropsch reaction comprises several reactions which follow Arrhenius tem-
perature dependence kinetics. Using the averaging rule proposed by Hagan et al [161],
the weighted heat release by each reaction is given by:
wi =
i,jΔHr,i
N∑
i=1
i,jΔHr,i (6.36)
The Taylor’s expansion parameters defined in equation (6.25) are given as:
A =
Eact
Rg(T(z, t))2
(6.37)
The average activation energy of the reactions is given by:
Eact =
N∑
i=1
Eiactwi (6.38)
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where Eiact is the individual activation energy for each reaction i
B
A2
= −RgT(z, t)
Eact
+
1
2
N∑
i=1
(
Eiact − Eact
Eact
)2
wi (6.39)
The final form of the transient material and enthalpy balances for the modified α-model
thus respectively become:

∂cj
∂t
= −uz∂cj
∂z
−
N∑
i=1
νi,j i(c(z, t), T(z, t)) (6.40)
ρf Cp,f
∂T(z, t)
∂t
+ uz ρf Cp,f
∂T(z, t)
∂z
=− 8ακeff, r
AR2t
−
N∑
i=1
νi,j i,j(c(z, t), T(z, t))
× (ΔHr,i + (1− σ)ΔHpcm)
(6.41)
6.4 Reactor performance using α-model
6.4.1 Reactor time response
Figure 6.6 shows an example of how the reactor temperature evolves over the axial bed
length with time for Tin, cool without any catalyst dilution. Characteristic of a highly
exothermic reaction, with high activation energy in a wall cooled reactor, a maximum
temperature occurs near the inlet of the reactor (normalised axial position 0.14 in this
case). The amplitude of this maximum temperature is aggravated by small changes to
the process/operating parameters e.g. decrease in coolant flow rate, fluctuation in feed
concentration, etc. [196]. Such disproportionate temperature increments affect the yield
of desired products adversely. On the time scale, it can be seen that the temperature
of the reactor ramps up at the start of the reaction and then eventually settles at some
steady state temperature. If the dimensionless axial position 0.14 (i.e. the hotspot) is
considered as an example, a steady state temperature of about 265.5oC is reached after
approximately 718s of reaction.
Figures 6.7a and b show time responses of the maximum reactor temperature to a 5%
step increase in the feed H2 concentration at different values of coolant temperatures.
Figure 6.7a depicts how the reactor responds without any catalyst dilution. In the main,
there is a monotonic and rapid rise in the temperature of the reacting system for all of the
coolant temperature scenarios. The system temperature eventually attains steady state
after about 718s. As may be appreciated from the series of plots, the “new” maximum
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Figure 6.6: Evolution of reactor temperature profile along the normalised axial bed
length as a function of time for Tin, cool = 230
oC
Table 6.1: Modified residence time for various inlet/cooling temperatures
Inlet/coolant
temperature, Tin, cool(
oC)
Volumetric flow rate,
at STP Vf(m
3 s−1)
Modified residence time,
τ =
mcat
Vf
(kg sm−3)
224 0.01190 1328
230 001175 1344
235 0.01164 1358
245 0.01141 1384
steady state temperatures reached by the reactor increases with the coolant temperature.
This is because the modified residence time of the reactants,
(
τ =
mcat
Vf, STP
)
increases
with increasing coolant temperature as depicted in Table 6.1.
Figure 6.7b which features a 40% by weight phase change material dilution of the catalyst
bed, presents the same monotonic, rapid temperature rise, although the increments are
a lot less aggressive. For instance, the steady state temperature attained at Tin, cool=
230oC in Figure 6.7a is about 274.3oC, compared to 246.7oC in Figure 6.7b. This clearly
demonstrates how the phase change material adds thermal mass to the system and
potentially reins in temperature excursions. If the safe catalyst temperature threshold of
260oC [93] is imposed as an operational constraint, it becomes clear that the arrangement
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Figure 6.7: Reactor response to a 5% step increase in reactant (H2) concentration:
(a) Hotspot response at various coolant temperatures without phase change material
(b)Hotspot response at various coolant temperatures with phase change material
(40% by weight)
in Figure 6.7b provides for more flexibility in terms of the available coolant temperature
range for process operation, without suffering runaway or catalyst destruction. From
Figure 6.7a, the reaction (without catalyst dilution) will have to be restricted to Tin, cool
= 224oC in order to prevent the catalyst from sintering. It is interesting to note that
even when the coolant temperature is greater than the melting temperature of the phase
change material e.g. at Tin, cool = 235
oC, the phase change material is still able to control
the temperature rise in the reactor.
6.4.2 Reactor productivity
Figure 6.8a–d depict the productivities of methane and C5+ at t= 7200s. Figure 6.8a and
c respectively show the methane and C5+ productivities without phase change material
dilution. As may be seen from Figure 6.8a, the CH4 production increases in a monotonic
fashion with increasing coolant temperatures. In the case of Tin, cool =245
oC, the CH4
production seems to exhibit a local peak at axial position of 0.25 and subsequently
through a point of inflection at position 0.3 before resuming the sharp rise observed in
the previous curves. Figure 6.8c portrays a rather interesting phenomenon. There is
an initial sharp rise consistent with CH4 productivity, however, upon increasing Tin, cool
beyond 224oC, the C5+ production begins to decline such that the C5+ productivity
at a given coolant temperature falls below that recorded at the coolant temperature
value immediately preceding it. For example, in the cases of Tin, cool = 224
oC, 230oC
and 235oC, the productivity curves seem to converge at about the 0.8 reactor axial
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Figure 6.8: Reactor response to a 5% step increase in reactant (H2) concentration:
(a) Methane productivity at various coolant temperatures without phase change
material at t = 7200s (b) Methane productivity at various coolant temperatures with
phase change material (40% by weight)at t = 7200s (c) C5+ productivity at various
coolant temperatures without phase change material at t = 7200s (d) C5+
productivity at various coolant temperatures with phase change material (40% by
weight)at t = 7200s
position, after which they emerge and diverge with 3.8% reduction in C5+ (at Tin, cool =
230oC) and 7.1% reduction in C5+ (at Tin, cool = 235
oC) compared to the productivity at
224oC in both cases. Similar to the methane productivity, the C5+ (at Tin, cool = 245
oC)
exhibits a local peak at position 0.25 and an inflection point at position 0.3, however
unlike in the case of CH4 (Figure 6.8a), the productivity starts to fall at a rate faster
than those exhibited by the previous curves at about halfway through the reactor and
beyond. Ultimately, there is a 15.5% reduction in C5+ production compared to that
recorded at 224oC.
The aforementioned phenomena may be explained by the exponential increase in tem-
perature with reaction. According to Chernobaev et al [187] and Depoorter et al [197],
the increased temperature brings about the carbidization of the catalyst surface which
in turn results in: (I) a reduced disproportionation of CO, (II) a decreased extent of
hydrogenation and (III) the cracking (i.e. decomposition) of long chain hydrocarbons
(C5+) to form simpler molecules. The overall effect is a change in the selectivity of the
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catalyst for short chain molecules regardless of the high reactant conversion that may be
recorded at high temperatures. Thus at 245oC, for example, there is less C5+ produced
overall and some of that which is produced is decomposed into methane as the reactor
temperature increases, hence the dipping of the C5+ curve for Tin, cool=245
oC in Figure
6.8c matched by the ascent of the corresponding CH4 curve in Figure 6.8a.
Figures 6.8b and 6.8d show the influence of the phase change material dilution. Although
there is still an exponential rate of production of CH4 (Figure 6.8b) in comparison to
Figure 6.8a, there is up to a 28.6% reduction in CH4 productivity at Tin, cool= 224
oC.
In Figure 6.8d, the productivity values converge to about the same value at the exit
of the reaction. Although there is a 7% decrease in the overall C5+ produced with
the influence of the phase change material at Tin, cool= 224
oC compared with no phase
change material effect, this is far outweighed by a corresponding four-fold reduction in
methane production at the same coolant temperature.
6.4.3 Summary
In summary, this chapter has considered the so-called α reactor model of Hagan et al
[161] against the more rigorous 2D quasi-homogeneous model for predicting the reactor
performance in the context of the Fischer-Tropsch reaction. The α-model was re-cast
to cater for the heat sink effect of phase change diluent within the reactor. The various
tests the modified α-model was subjected to, revealed its superiority to the conventional
one dimensional model while approximating the 2D model with considerably less com-
putational effort and satisfactory accuracy. This modified, simpler model provides a
handy tool to be used in the optimisation exercise carried out in the next chapter.
Chapter 7
Optimal distribution of phase
change material diluents and
active catalyst in a fixed bed
Fischer-Tropsch reactor
“It isn’t that they can’t see the
solution. It is that they can’t see the
problem.”
G.K. Chesterton, (1874-1936).
Hitherto, only one arrangement has been considered in the reactor, namely: a flat cata-
lyst activity profile involving the homogeneous mixing of the active catalyst pellets and
encapsulated phase change material. As seen in previous chapters, although this arrange-
ment had the effect of controlling the reactor temperature, the temperature restriction
also had the effect of reducing the productivity of both the long chain hydrocarbons
as well as methane. In this chapter, the graded or zoned reactor bed technique in the
axial direction is examined and adopted. The idea behind this arrangement is to simul-
taneously improve the reactor performance while balancing the reactor heat generation
and heat rejection by optimally distributing the encapsulated phase change material and
active catalyst within the reactor.
The outline for this chapter is as follows: section 7.1 presents a background into graded
catalyst dilution and the choice of phase change material as the diluent, section 7.2
looks at the mathematical formulation and governing equations based on the modified
144
Chapter 7. Optimal distribution of active catalyst and PCM in graded reactor 145
α-model including the formulation of the optimisation problem. Section 7.3 looks at the
numerical implementation of the optimisation problem, while section 7.4 presents the
results and discussion.
7.1 Background into graded zone catalyst dilution
Graded catalytic beds could help improve the performance of a fixed bed reactor in
terms of key performance indices such as productivity, selectivity and conversion [198].
The technique entails the use of non-uniform catalyst distribution, which have been
diluted with some inert material e.g. silicon dioxide, silicon carbide, etc. in different
compositions. Two perceived benefits of this arrangement are:
(i) The average temperature of the catalytic bed may be raised efficiently owing to the
carefully engineered non-uniform catalyst mass fraction distribution profile, whilst
the hotspot temperature is simultaneously kept within the stable and catalyst
actively selective region [198].
(ii) Improved reactor controllability under constrained cooling capacities [19]. It will
be recalled that while the reaction, and by extension the heat it generates, scales
up volumetrically, the heat removal scales up superficially; this catalyst dilution
strategy therefore brings about improved control by delaying any significant tem-
perature rise.
Figure 7.1 shows a schematic of a graded fixed bed reactor with four catalytic zones.
As may be observed, the feed enters at the top of the reactor while the products are
collected at the bottom of the reactor. The degree to which each graded catalytic zone
is diluted is indicated by the catalyst mass fraction, σq, where q ∈ {1, 2, 3, 4, ..., qn} is an
index representing the catalytic zone(s) of interest. The variation of σq along the reac-
tor axial length is also shown in Figure 7.1. This chapter focuses on the determination
of the optimal distribution of the catalyst activity along the reactor axial length which
maximises the productivity of long chain hydrocarbon molecules, whilst controlling tem-
perature rise, subject to pre-specified reactor condition constraints. In particular, the
inert diluent will be the encapsulated phase change material (metallic tin).
A number of authors have adopted mathematical optimisation methods in chemical re-
actor designs and packed bed reactors with non-uniform catalyst distributions. Hillestad
[199, 200] put forward conceptual analytical and numerical [201] solutions to optimal
control problems. The attainable region concept, a geometric approach, was examined
by Glasser et al [202], Hildebrandt et al [203] and Feinberg et al [204, 205]. Lee et al [206]
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Figure 7.1: Schematic of graded zone catalytic reactor (not to scale).
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proposed a dual zone mathematical model, formulated by applying Dirac-δ functions at
catalytic zone breaks in an isothermal reactor. They went on to conclude from both
their model and experimental validations, that the overall reactor conversion could be
enhanced with appropriate sequential arrangement of different catalytic materials. Melis
et al [207] considered the complex problem of obtaining optimal distribution profiles for
inter-dependent homogeneous and heterogeneous reactions. Khanaev et al [199, 208]
recast the optimal catalyst distribution problem as a variational one, thus facilitating
the determination of continuous distribution profiles for different economic objective
functions from analytical solutions. Hwang et al [209–211] considered non-uniform cat-
alysts by which a zoned reactor bed can be implemented with different types of layered
catalysts. The recurring theme in the previously outlined works is that they have either
assumed isothermal or adiabatic conditions. Both assumptions are largely unrepresen-
tative of strongly exothermic, non-isothermal reactions, which are usually operated near
thermal runaway conditions in fixed bed reactors [126].
In contrast to the previous arrangement of homogeneously distributed, encapsulated
phase change material in the FT catalyst bed adopted in chapters 5 and 6, this work
examines an optimal arrangement of the catalyst and encapsulated phase change ma-
terial through the use of a graded zoned reactor under non-isothermal conditions. The
phase change material brings with it the added advantage of its latent enthalpy of fu-
sion, acting as a temperature buffer and delaying any significant temperature rise in the
reactor in the course of the reaction. The optimisation problem is formulated by setting
the objective function to maximise the C5+ product yield. The constraints consist of
pre-specified requirements (usually in inequality form) of the carbon monoxide conver-
sion, C5+ product selectivity and a set of differential and non-linear algebraic equations
from the reactor model. The modified α-model presented in section 6.3 will be used in
the optimisation exercise. This problem formulation is the subject of the next section.
7.2 Mathematical formulation and governing equations
The transient form of the modified α-model material and enthalpy balances are as follows
(with the usual definitions of the terms):

∂cj
∂t
= −uz∂cj
∂z
−
N∑
i=1
νi,j i(c(z, t), T(z, t)) (7.1)
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ρf Cp,f
∂T(z, t)
∂t
+ uz ρf Cp,f
∂T(z, t)
∂z
=− 8ακeff, r
AR2t
−
N∑
i=1
νi,j i,j(c(z, t), T(z, t))
× (ΔHr,i + (1− σ)ΔHpcm)
(7.2)
where, α is implicitly obtained from the following expression:
A× (T(z, t)− Tin, cool) = 4α
Bi
− loge(1− α) +
1
3
(
B
A2
)
log2e(1− α) (7.3)
A and B are the Taylor’s expansion parameters as defined respectively in equations (6.37
and 6.39) of chapter 6.
The pressure balance is approximated using the Ergun equation [162]
− ∂p
∂z
=
1− 
3
(
1.75 + 4.2Re
5
6
p
1− 
Rep
)
ρf u
2
z
dp
(7.4)
The three principal reaction schemes considered in the optimisation formulation are
the main Fischer-Tropsch synthesis, methanation and water gas shift reactions; the
respective equations of reaction are as follows:
CO + 2H2 −→ (−CH2−) + H2O ΔHθ298 = −152 kJmol−1 (7.5)
CO + 3H2 −→ CH4 +H2O ΔHθ298 = −206 kJmol−1 (7.6)
CO + H2O −→ CO2 +H2 ΔHθ298 = −41 kJmol−1 (7.7)
The reaction rate equations re-expressed in terms of the α-model reaction averaged
temperature (T(z, t)) and the catalyst activity coefficient, σ are as shown in equations
(7.8-7.10):
FT = ρb σ
5.1 exp
( −52000
RgT(z, t)
)
(
1 + 1.6
cH2Og
cCOg
) cH2,g (7.8)
M = 27.3 ρb σ exp
( −70000
RgT(z, t)
)
cH2,g (7.9)
WGS = ρb σ
103 × kv(RgT(z, t)) 32
⎛
⎝cCO cH2O
c
1
2
H2
− 1
Kewg
cCO2 c
1
2
H2
⎞
⎠
(
1 +Kv(RgT(z, t))
1
2
cH2O
c
1
2
H2
)2 (7.10)
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The water gas shift equilibrium constant, Kewg is given by the expression of Lox et al
[54]:
exp
(
5078.0045
T(z, t)
− 5.8972089 + 13.958689× 10−4T(z, t)− 27.592844× 10−8
(
T(z, t)
)2)
(7.11)
The respective rate laws of the constituent chemical species, obtained from the reaction
stoichiometry are as follows:
H2 = −FT − 3M + WGS (7.12)
CO = −FT −M −WGS (7.13)
CH4 = M (7.14)
CcnH2cn+2 = x(cn>2) ×Ntot × Vreact ×
1
(1 + γFT)
(7.15)
CcnH2cn = x(cn>2) ×Ntot × Vreact ×
γFT
(1 + γFT)
(7.16)
H2O = FT + M −WGS (7.17)
CO2 = WGS (7.18)
where, cn is the number of carbon atoms in the hydrocarbon in question, αFT is the
constant carbon chain growth probability factor and γFT is the olefin to paraffin ratio,
The total number of moles of hydrocarbon (Ntot) produced per unit time as reported
by Panahi et al [168] is given by:
Ntot =
(−FT −M −WGS
MWCO
+
WGS
MWCO2
)
Vreact
x(cn=1)
MWCH4
+
cn∑
cn=2
cn× xcn ×
(
1
(1 + γFT)
.
1
MWCcnH2cn+2
+
γFT
(1 + γFT)
.
1
MWCcnH2cn
)
(7.19)
The catalyst mass fraction, σ, varies along the catalyst bed between values of 0 and 1.
This mass fraction varies over the bed length as a piece-wise, constant function and will
be the chief control variable for the optimisation problem. The manipulated variables
used in obtaining the optimum catalyst distribution include the inlet/coolant tempera-
ture, Tin, cool and the feed factor multiplier (βf), for controlling the inlet feed flow rate;
the feed composition remains the same at all times. The optimisation constraints are the
pre-specified conditions which the product must meet, as defined by the C5+ selectivity
and overall conversion of CO (the limiting reactant) and the constraints from the reactor
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model as a whole (i.e. all the foregoing equations outlined). On this basis, it is now pos-
sible to proceed to set up the multi-period, non-linear-programming (NLP) optimisation
problem statement. The objective function (Φobj) is to maximise the productivity i.e.
the C5+ production per unit time per tube:
Maximise:
C5+
{Φobj = coutC5+ uzAc}
subject to: SC5+ =
cinC5+
cinCO − coutCO
≥ 78%
XCO =
cinCO − coutCO
cinCO
≥ 32%
model equations (7.1− 7.19)
(7.20)
where Ac is the tube cross sectional area. Both the C5+ selectivity (SC5+) and CO
conversion per pass (XCO) are end point constraints which are only applicable at the exit
point of the reactor. The conversion per pass of CO which is specified as 32% corresponds
to almost complete conversion at a recycle ratio of 2. Typically, graded packed bed
reactors used in industry are designed with only a few catalytic zones of different but
constant relative activity levels as opposed to a continuously varying activity profile
[126, 127]. Therefore, a multi-zone optimisation formulation approach will be adopted
by dividing the reaction bed into N ≥ 1.0 catalytic zones. It is also pertinent to note
that while the boundaries of the graded bed zones may change, the continuity of reactor
temperature and molar flow rates are facilitated at the break points through the piece-
wise, continuous and constant nature of the activity coefficient σ.
7.3 Implementation of optimisation problem
The continuous, non-linear programming optimisation problem and its constraints, com-
prising differential and non-linear algebraic equations, were treated as a simultaneous
optimal control problem based on the work of Cuthrell et al [212]. In other words, the
principal decision variable (σq in this case) was represented by an approximate function,
specifically, a piecewise, constant parameterisation- as shown schematically in Figure
7.1. In this method, the differential algebraic equations (DAEs) are automatically em-
bedded into the non-linear programming problem after discretisation, as opposed to the
sequential approach where the DAEs are treated as an extrinsic black box, requiring
external numerical integration packages for the optimisation searches. According to Nie
et al [126], the latter method is heavily dependent upon repeated integration of DAEs,
thus rendering the optimisation task prone to failure for unstable systems in which the
integrators fail to converge.
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The optimisation problem was implemented and solved via the optimisation module of
the finite element method package, COMSOL Multi-physics 4.4 [21], using the gradient
based Sparse Non-Linear Optimiser (SNOPT), on a desktop with Intel Core i7, CPU
2.5GHz, Quad-core and 16GB RAM. The influence of finer zoning was explored by con-
sidering N ∈ {1, 2, 3, 4, 5} zones. The mass and enthalpy balances were space-discretised
by the backward finite differential (BFD) method. SNOPT handles general optimisa-
tion problems with many and/or difficult constraints and by default uses the adjoint
method to simultaneously compute all analytic derivatives for the problem in question.
The underlying algorithm of the SNOPT method [213, 214] is the implementation of
sequential quadratic programming (SQP), i.e. the objective function is approximated
by a quadratic polynomial and the constraints treated as linear; steps in this sequence
are referred to as the “outer” iterations. Each approximate quadratic programming
(QP) problem is equally solved iteratively (requiring inner iterations). The QP solver
communicates a step direction to the outer SQP algorithm, which in turn determines
the step length and updates the QP approximation before going on to the next outer
iteration [215]. The optimality tolerance was set at 1×10−6; oscillatory behaviour of the
numerical optimisation task was prevented by avoiding a high resolution discretisation
of the control/manipulated variables.
The modified α- model required the implicit solution of α at each discretisation point,
zn along the axial length of the reactor, z. One iterative Newton step was found to be
sufficient for updating α based on its previous value. In the diluted catalyst zones, the
phase change material energy balance also had to be solved at each discretised node.
The sudden “jump” in the physical properties of the phase change material during phase
transition often results in numerical discontinuities and non-convergence of the solver.
This was overcome through the use of the in-built smoothed Heaviside function with
continuous second order derivative. The initial guesses for the optimisation problem
in all cases were as follows: feed factor, βf= 2.0, inlet/coolant temperature, Tin, cool=
230oC, while the multiple zones were initialised as having equal lengths of equal catalytic
activity coefficient σ = 0.6. Mesh and convergence tests were carried out in the same
manner as described in chapter 4.
7.4 Results and discussion
The model was validated by comparing the results of the modified reactor model to
that reported by Jess and Kern [5] for the uniform reactor catalyst scenario. Figure
7.2a shows the effect of increasing the coolant temperature, i.e. the exacerbation of the
amplitude of the hotspot. Figure 7.2b compares the predicted maximum temperatures
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using the modified α reactor model with the results of Jess and Kern [5] and shows
that they both agree within 1.5%. Figure 7.2c shows an average 4.8% error between the
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Figure 7.2: Model validation (a) Influence of cooling temperature on axial
temperature profile using the modified model (b) Reactor maximum temperature at
various cooling temperatures- a comparison between 2D model by Jess et al [5] and
modified α-model (c) Comparison of percentage conversion per pass of CO between
2D model by Jess et al [5] and modified model at 224oC (d) Comparison of
percentage, carbon-based selectivity between 2D model by Jess et al [5] and modified
model at 224oC.
two sets of conversion per pass data at Tin, cool= 224
oC. Figure 7.2d indicates that the
literature and predicted values of the carbon based selectivities of the chemical species at
Tin, cool= 224
oC agreed within 5%. The minimal deviation of the results of the modified
reactor model from those obtained from literature provided the confidence and basis to
explore other optimal catalyst-diluent arrangements in the reactor.
Table 7.1 summarises the results from the optimisation study. It can be seen that the
productivity of the C5+ increases as the hotspot temperature, Tmax, is systematically
brought under control through an efficient combination of increasing the number of phase
change material-diluted catalytic zones, slightly elevating the cooling/inlet temperature
and increasing feed flow rate. The increase in productivity tailed off after three catalytic
zones.
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Table 7.1: Optimization results for the different numbers of catalytic zones
Number
of zones, N
C5+ productivity
(kmol h−1 tube−1) Feed factor, βf Tin, cool(
oC)
Maximum
temperature,
Tmax (
oC)
1 0.08247 1.85 230.01 265.51
2 0.09580 2.02 231.05 248.76
3 0.09841 2.16 231.2 249.98
4 0.09888 2.19 231.4 250.60
5 0.09890 2.20 231.63 250.71
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
Normalised bed length, ξ
230
240
250
260
270
Te
m
pe
ra
tu
re
 / 
o C
(a)
0.9
1
1.1
R
el
at
iv
e 
ca
ta
ly
st
 a
ct
iv
ity
, σBed temperature
Relative catalyst activity
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
Normalised bed length, ξ
0
0.02
0.04
0.06
0.08
0.1
C
5+
 / 
km
ol
 h
-1
 tu
be
-1
(b)
0
0.2
0.4
0.6
0.8
1
C
on
ve
rs
io
n,
 S
el
ec
tiv
ity
C5+ Productivity
Conversion
Selectivity
Figure 7.3: Optimal profile for uniform (N = 1) catalyst distribution.
Figure 7.3a-b is the reference case for a flat catalyst activity profile that contains no
phase change material diluent, i.e. σ = N = 1.0. Specifically, Figure 7.3a is the
typical temperature profile over the dimensionless bed length for a high activation energy,
exothermic reaction taking place in a wall cooled reactor. The characteristic single
hotspot temperature, circa 266oC in this case, occurs near the reactor inlet. Figure 7.3b
depicts the objective function, C5+ productivity, and the additional process constraints:
C5+ selectivity and CO conversion over the dimensionless bed length.
Figure 7.4a-b portrays the effect of using a catalytic bed with two activity zones. In
Figure 7.4a, the first part of the bed has an optimised catalyst activity of about 0.7
and a uniform catalyst activity of 1.0 in the second part. This arrangement results in
a 16% increase in the C5+ productivity when Figures 7.3b and 7.4b are compared, (see
Chapter 7. Optimal distribution of active catalyst and PCM in graded reactor 154
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
Normalised bed length, ξ
225
235
245
255
Te
m
pe
ra
tu
re
 / 
o C
(a)
0.4
0.6
0.8
1
R
el
at
iv
e 
ca
ta
ly
st
 a
ct
iv
ity
, σ
Bed temperature
Relative catalyst activity
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
Normalised bed length, ξ
0
0.02
0.04
0.06
0.08
0.1
C
5+
 / 
km
ol
 h
-1
 tu
be
-1
(b)
0
0.2
0.4
0.6
0.8
1
C
on
ve
rs
io
n,
 S
el
ec
tiv
ity
C5+ Productivity
Conversion
Selectivity
Figure 7.4: Optimal profileN = 2 catalyst distribution.
summary in Table 7.1). The presence of the phase change material in the first part of
the zoned bed ensures that part of the reaction heat generated near the reactor inlet
is absorbed, thus resulting in a lower maximum temperature of about 249oC, which is
about 17oC lower than that observed in Figure 7.3a. It follows therefore, that diluting
the catalyst in this fashion momentarily reduces but does not extinguish the “reaction
momentum.” This arrangement pushes the reaction front further into the catalytic bed,
thus ensuring a more economical use of the bed as well as the “re-ignition” of the
reaction when the reactants reach the second part of the bed characterised by σ = 1.0.
This catalyst-diluent distribution is responsible for the double-humped profile observed
in Figure 7.4a. The productivity curve in Figure 7.4b also shows a steady increase along
the bed with a slight kink occurring at the catalytic bed zone boundary.
Figure 7.5a-b depicts the optimised three-zone catalytic bed. In Figure 7.5a, the first
of the three zones of the graded reaction bed features the maximum activity, σ = 1.0
over a minimal normalised bed length ξ= 0.032. The effect of this is that the reac-
tor temperature is ramped up very quickly to a controlled maximum temperature, but
because of the combination of the short length of this zone and the lower activity of
the second catalytic zone, σ = 0.7, there is a resultant attenuation of the reaction rate
and thermal runaway is prevented at the reactor inlet. The third activity zone again
features the maximum activity coefficient which provides any remnant reactant with the
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opportunity to be converted to products. A further 3% increase in the C5+ productivity
is observed when Figure 7.5b is compared with Figure 7.4b, thus underpinning the effec-
tiveness of this strategy. Figures 7.6a-b respectively show the optimised temperature
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Figure 7.5: Optimal profileN = 3 catalyst distribution.
and catalytic activity coefficient profiles for the other multi-zone case studies, N = 4 and
N = 5. The same approach as in N = 3 is adopted where the maximum catalyst activity
with minimal grade length is used in the first part of the reactor. Subsequent, interme-
diate diluted catalytic zones seemed to form a continuous curve but had little effect on
the C5+ productivity. As summarised in Table 7.1, there is no significant increase in
the C5+ productivity with increasing number of the catalytic zones. It therefore shows
that an optimised three-zone reactor suffices for maximising the C5+ productivity, while
minimising the value of the hotspot temperature.
Figure 7.7 is a summary of the optimised C5+ productivity and the maximum reactor
temperature as functions of the number of diluted catalytic zones. As shown in the
graph, the hot spot temperature is reduced by up to 17oC and the enhancing effect of
the graded bed on productivity becomes less apparent beyond the three zone scenario.
Chapter 7. Optimal distribution of active catalyst and PCM in graded reactor 156
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
Normalised bed length, ξ
225
235
245
255
Te
m
pe
ra
tu
re
 / 
o C
(a)
0.4
0.6
0.8
1
R
el
at
iv
e 
ca
ta
ly
st
 a
ct
iv
ity
, σ
Bed temperature
Relative catalyst activity
0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1
Normalised bed length, ξ
225
235
245
255
Te
m
pe
ra
tu
re
 / 
o C
(b)
0.4
0.6
0.8
1
R
el
at
iv
e 
ca
ta
ly
st
 a
ct
iv
ity
, σ
Bed temperature
Relative catalyst activity
Figure 7.6: Optimal profile: (a) N = 4 catalyst distribution and (b) N = 5 catalyst
distribution
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7.5 Summary
The modified α-model approximated the more rigorous, computationally expensive and
accurate 2D quasi-homogeneous model within acceptable error limits. The combined
accuracy and less expensive computational requirements of the modified α-model made
it a suitable candidate for the reactor optimisation problem in hand.
The concept of diluting a catalytic bed using encapsulated phase change material in
carefully optimised zones was also presented. The latent enthalpy of fusion of the phase
change material was exploited by homogeneously mixing them with promoted catalysts
in optimised graded zones. A 16% increase in the desired C5+ productivity was observed
in the two-zone reactor compared to the uniform catalyst arrangement with no phase
change material dilution. A further 3% increase in the C5+ productivity was observed
with a three zone arrangement. Beyond this, there was a minimal increment in the
productivity as the number of zones was increased.
A well balanced combination of promoted catalysts, optimally diluted with encapsulated
phase change material in a graded, catalytic-zone, fixed bed reactor could help:
(I) increase productivity of long chained hydrocarbon molecules and
(II) simultaneously control the temperature rise in the Fischer-Tropsch reactor.
The latent enthalpy of the metallic phase change material combined with its good ther-
mal conductivity could possibly push the limits of the catalyst bed by increasing the
conversion per pass beyond the typical 32% reported in literature, with less likelihood of
either early catalyst deactivation or thermal unreliability of the reacting system. It does
this by delaying any significant temperature rise in the catalyst bed owing to its large
thermal capacity and at the same time facilitates heat conduction out of the reaction
bed as a result of its good thermal conductivity.
Chapter 8
Conclusion and future work
“Life can only be understood
backwards; but it must be lived
forwards.”
Søren Kierkegaard, (1813-1855).
This chapter presents the conclusions of this thesis and puts forward recommendations
for possible future work.
8.1 Concluding remarks
The Fischer-Tropsch synthesis technology, despite nearly one hundred years of its exis-
tence, remains uniquely placed within the energy/fuel mix to meet the global energy de-
mands. The wide variety of precursors for obtaining syngas (including biomass, stranded
natural/shale gas, CO2, etc.) to which the Fischer-Tropsch process is amenable, and
the ultra-clean nature of the product liquid fuels (devoid of aromatics, particulates,
sulphur and nitrogen based compounds), both position the chemical process ready to
cater for the changing tastes in energy sources, stricter environmental policies and the
growing global energy requirements. The latterly renewed interest in the catalytic pro-
cess has seen the implementation of the Fischer-Tropsch synthesis in both traditional
(e.g. fixed bed reactors) and more novel forms (e.g. the use of micro-reactors, mobile
bio-refineries, etc.). Irrespective of the adaptations made to the technology, the need
to control the reactor temperature and optimise the reactor performance in order to
maximise the productivity of long chain hydrocarbon molecules remain pivotal. The
optimal reactor configuration could on the one hand be arrived at, through the classical
design route of: laboratory bench scale experiments, pilot plant scale tests and full scale
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implementation. On the other hand, computer simulations could serve as a less time
consuming and less expensive route. The fixed bed reactor configuration of all reactors
available on the market, presents the most significant heat transport challenges and has
been selected for this study. In addition to the co-current recycling of the liquid and
gaseous effluents from the reactor at high velocities in order to generate turbulence, the
reduction of tube diameters in order to reduce heat transport resistance, the dilution
of the catalyst bed with inert materials could help control temperature within a fixed
bed reactor. The dilution of the catalyst bed with encapsulated phase change mate-
rial, in conjunction with an external supervisory cooling mechanism, was adopted as
a strategy for temperature control and reactor performance regulation in a fixed bed
Fischer-Tropsch reactor. This strategy is central to this thesis. The fusion temperature
of the phase change material lies between some nominal operating temperature and a
maximum safe operating temperature. This approach of using phase change material
diluents to regulate temperature in a multi-tubular fixed bed Fischer-Tropsch reactor
has not been recorded in available open literature. It was therefore important to develop
a model which accurately predicts the reactor behaviour without and with the influence
of the encapsulated phase change material. To this end, simulations were run using the
commercial Finite Element Analysis (FEA) tool, COMSOL Multiphysics.
The underlying governing two dimensional quasi-homogeneous conservation equations
for the Fe-catalysed Fischer-Tropsch synthesis in a fixed bed reactor including the: mate-
rial balance, enthalpy balance, momentum balance, chemical kinetics and the additional
phase change material enthalpy balance were presented in chapter 3. A single, represen-
tative tube within a multi-tubular fixed bed reactor was found to be sufficiently accurate
to model the entire reactor. The initial conditions, boundary conditions and constitutive
relationships for the relevant physical properties were developed and set out. The sim-
plifying assumptions and discretisation schemes of FEA software were also detailed. The
full description of the implementation of the mathematical models developed in chapter
3 as numerical models, their numerical solution, validation and verification were set out
in chapter 4 using the COMSOL Multi-physics platform. A necessary feature for the
implementation of the models in COMSOL was the ability of each physics module to be
dependent upon one another. The rigorous validation and verification exercise entailed
three test cases, which were benchmarked against the experimental and modelling works
of other authors as reported in literature. The grid/convergence refinement studies were
carried out for each test case based on the Grid Convergence Index (GCI).
Chapters 5-7 set out the principal contributions of this thesis to the study of the Fischer-
Tropsch process with regards to temperature control and reactor performance. In chap-
ter 5, it was demonstrated using two-dimensional models that the addition of carefully
chosen and engineered, encapsulated phase change materials into the catalyst bed of
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a heterogeneous, strongly exothermic reaction as the Fischer-Tropsch synthesis, can
quench local hot spots, prevent thermal runaway through the introduction of thermal
inertia to the reacting system and change the product distribution to favour the pro-
duction of long chain hydrocarbons. The robustness of the temperature control which
the phase change material brings to bear on the chemical process was tested by varying
the process and design variables including the reactor coolant temperature, diameter of
the reactor tube, etc.
Chapter 6 was focussed on developing a one-dimensional model, which while providing
relative computational convenience, traded off as little accuracy as possible in predicting
the reactor performance (selectivity to chemical species, conversion, productivity, etc.).
The steady state α-model originally developed using the Karman-Pohlhausen procedure
was re-cast to account for transient operations, as well as the heat sink effect of the
phase change material and benchmarked against the two dimensional quasi-homogeneous
models set out in chapter 5. A very good agreement was found between both sets of
models. As in the case of the two dimensional models, a flat, homogeneous catalyst
activity profile was used for all simulation scenarios considered.
In chapter 7, the catalyst arrangement in the reactor was changed. The previously flat,
homogeneous catalyst activity profile was supplanted with a graded, multi-zonal packed
bed arrangement. Each of the graded catalytic zones was diluted with encapsulated
phase change materials to different degrees. Whereas a two dimensional model would
have proven unwieldy in the repetitive non linear programming optimisation computa-
tions needed to locate the best catalyst dilution and distribution strategy for simultane-
ously maximising the productivity of long chain hydrocarbon molecules whilst preventing
thermal runaway, the modified α-model proved to be better suited to the task in hand.
The objective function of the optimisation problem was the maximisation of the pro-
ductivity of the long chain hydrocarbon molecules (C5+), the main decision variable was
the relative catalyst activity profile (σ), while the manipulated variables included: the
inlet/coolant temperature, the feed flow rate factor (βf). The optimisation problem was
constrained by all the constituent and constitutive equations of the modified α-model as
well as the additional pre-specified minimum product selectivity and minimum CO con-
version per pass. The multi-zonal dilution of the catalytic bed using encapsulated phase
change material brought about a 16% increase in the desired C5+ productivity in the
two-zone reactor compared to the uniform catalyst arrangement with no phase change
material dilution. A further 3% increase in the C5+ productivity was also recorded with
a three zone arrangement. Beyond three zones, there was no significant increment in
the C5+ productivity.
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8.2 Future work
The current work presented in this thesis could benefit from further work in three prin-
cipal areas:
(I) Experimental validation: Carrying out the experiment for the phase change
material modulated Fischer-Tropsch reaction, that was simulated, could serve to
provide further information (such as actual reactor data) which may be compared
with and fed back into the mathematical model in order to improve its ability
to predict the reactor performance. For instance, the effect of thermal hystere-
sis (i.e. if and by how much the fusion temperature departs from the “normal
fusion temperature”) during its repeated phase transition may be ascertained.
Experimenting may also help determine how well and how soon the phase change
materials are regenerated and the life span of the phase change material in the
reactor. It may also be of interest to investigate the use of other inert materials
as diluents instead of phase change materials.
(II) Increasing the model robustness: The quasi-homogeneous model has been
used in this thesis. This model may be improved if the chemical and physical
phenomena could also be predicted at the micro (catalyst) scale and the results
projected on to, and used by the macro-scale. A single pellet (or a group of pellets)
model incorporating the conservation equations in and around the pellet(s) could
be used as the representative micro-scale. The model presented in this thesis has
also not accounted for deviations from the Anderson-Schulz Flory distribution of
products. It is known from literature that olefins may be formed as intermediates
or final products and be re-adsorbed onto the catalyst active sites for further
reaction. This phenomenon is likely to have an effect on the product distribution
and the model could be updated to reflect this.
(III) Exploring other reactor configurations: This thesis has chosen the fixed bed
reactor configuration, principally because of its challenging heat transfer charac-
teristics. Other configurations may also be considered, particularly those which
allow for the easy regeneration of the phase change material, such as the micro-
fluidised beds, modular catalytic plate reactors, etc. These configurations may
also be explored with the deliberate intention to intensify (i.e. shrink the foot-
print) of the Fischer-Tropsch process as mobile, “on-demand”, scalable and mod-
ular Fischer-Tropsch units are almost certain to play a crucial role in delivering
clean energy and petrochemical feedstock for the future.
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